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A B S T R A C T   

In line with the reduction targets imposed on the production of high global warming potential (GWP) hydro
fluorocarbons by the Kigali Amendment to the Montreal Protocol, the recovery of refrigeration fluids at the end- 
of-life of refrigeration and air-conditioning equipment and the selective separation of the most valuable re
frigerants is sought for recycling purposes and climate change mitigation. To that end, extractive distillation (ED) 
processes using ionic liquids (ILs) as entrainers is considered a promising technology to solve the difficulty of 
separating the typical close boiling or azeotropic behaviour of fluorinated hydrocarbon mixtures. This work 
provides insight into the design of ED processes evaluating the influence of both mass transfer phenomena (rate- 
based models) and IL properties (absorption capacity, solubility selectivity and viscosity) on the critical process 
variables (e.g., solvent-to-feed ratio, reboiler temperature, packing height) to separate the components of the 
binary mixture R-410A (50 wt% difluoromethane (R-32) + 50 wt% pentafluoroethane (R-125)) with minimum 
energy consumption and purity greater than 99.5 wt% of the two products. Results point to the solubility 
selectivity as the most influential IL property, and to [C2C1im][SCN], among all ILs assessed, as a promising 
entrainer because of its high R-32/R-125 solubility selectivity and low viscosity, which enables to operate the ED 
process at lower temperatures. The recovered R-32 can be used as a greener alternative to the high-GWP R-410A, 
as well as a main component in the formulation of new low-GWP mixtures.   

1. Introduction 

Nowadays, the refrigeration market is suffering drastic changes 
aimed at reducing fabrication and use of high-global warming potential 
(GWP) hydrofluorocarbons (HFCs), which are employed massively in 
refrigeration and air-conditioning (RAC). Considering that the emissions 
of HFCs and related compounds account for 3% of the total greenhouse 
gas emissions and that incineration remains as the main end-of-life 
treatment, intense efforts are crucial to change the roadmap of the 
RAC sector [1]. Measures taken to avoid the atmospheric emissions of 
HFCs include the substitution of high-GWP HFCs by low-GWP hydro
fluoroolefins (HFOs), and the reclamation of moderate-GWP HFCs from 
end-of-use RAC equipment. 

The reprocessing of used refrigerants typically involves the separa
tion of the components of the refrigerant mixture to meet the purity 
specifications as well as the technical, environmental and safety stan
dards for new refrigerants. However, a majority of the installed RAC 
equipment is furnished with refrigerant fluids that are azeotropic or 
close-boiling mixtures of several HFCs, among others [2]. This 

phenomenon renders conventional separation processes ineffective, 
leading to focus the research on three different advanced separation 
technologies: adsorption on porous materials [3–6], membrane separa
tion processes [7–10], and absorption in liquid entrainers to perform 
extractive distillation (ED) processes [11–14]. 

The performance of ED is highly dependent on the properties of the 
liquid entrainer, which should exhibit several properties such as non
volatility, nonflammability, chemical and thermal stability, large liquid 
range, and tunable polarity [14]. In this regard, ionic liquids (ILs) 
[15,16] and, to a lesser extent, deep eutectic solvents [17,18] are being 
investigated as entrainers for ED processes because they can provide 
outstanding gas absorption capacity coupled with high solubility 
selectivity for the separation of target HFCs mixtures. Based on the 
available vapor–liquid equilibrium (VLE) data, a recent review pre
sented the UC-RAIL database, a compendium of data that comprehen
sively assessed the performance of 52 ILs to separate refrigerant blends 
[1]. The quest for the most suitable ILs to separate blends of fluorinated 
gases is also being pursued from quantum chemistry [19–21] and mo
lecular dynamics [22–25] approaches. 
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The design of ED processes using ILs to separate refrigerant blends is 
a field of research of growing interest in which the pioneering work of 
Shiflett and Yokozeki [26] is remarkable in reporting the separation of 
the components of the R-410A mixture by an ED process using 1-butyl-3- 
methylimidazolium hexafluorophosphate, [C4C1im][PF6]. More recent 
works have improved the separation process layout with the aim to in
crease the product purity above 99.5 wt% so as to comply with the 
purity constraints for recycled refrigerants imposed by the AHRI Stan
dard 700. In particular, Finberg and Shiflett [27] conducted the process 
optimization through sensitivity analyses performed to different process 
variables (namely, solvent-to-feed ratio, pressure, reflux ratio, and feed 
stage) to reach a product purity of 99.56 wt%. Initially, this procedure 
was executed also with 1-ethyl-3-methylimidazolium bis(tri
fluoromethylsulfonyl)imide ([C2C1im][Tf2N]) as entrainer, yet only 
[C4C1im][PF6] achieved the product quality requirements due to the 
very low selectivity offered by [C2C1im][Tf2N]. Finally, Monjur et al. 
[28] went a step further and developed an ED process synthesis frame
work, using [C4C1im][PF6], that was rigorously optimized for the min
imum equivalent work consumption and separation cost. As can be seen, 
these valuable works are mostly focused on the use of [C4C1im][PF6], a 
rather viscous IL (~400 mPa⋅s at 293.15 K) that may hinder achieving 
the degree of separation expected from the results obtained with 
equilibrium-based ED designs, except at high operating temperatures. In 
fact, the previous designs operated the reboiler at relatively high tem
peratures (above 370 K), but this was required to increase the product 
purity as consequence of the low solubility selectivity of [C4C1im][PF6]. 

Moreover, the abovementioned works reported the design and 
optimization of ED processes under equilibrium conditions that will 
most likely not be satisfied when using ILs as entrainers because of the 
high viscosity of most ILs, and the effect of such property on reducing 
mass transfer kinetics [29,30]. Rather than assuming that the gas and 
liquid phases are in equilibrium in the whole system (equilibrium 
model), the non-equilibrium or rate-based models consider the gases to 
be in equilibrium only at the gas–liquid interface. Thus, the gas con
centrations in the bulk of the liquid phase are determined by the diffu
sion rate (kinetic regime), which enables to describe the column 
concentration profiles more precisely than the equilibrium model 
[31–34]. This approach has been previously assessed for other azeo
tropic mixtures, but not to a large extent [35], for instance, Meindersma 
et al. [36] and Quijana-Maldonado et al. [37,38] studied the effect of 
mass transfer kinetics on the design of ILs-based ED processes for 
separating ethanol/water mixtures, and highlighted the relevance of the 
IL viscosity on the separation performance and energy consumption. Liu 
et al. [39] studied the separation of dimethyl carbonate/methanol, and 
revealed that the liquid film offered a relevant mass transfer resistance, 
which was also influenced by the packing structure. 

In this work, we hypothesized that a rational selection of ILs together 
with a rate-based analysis of the separation process are essential to 
improve the process design and achieve more realistic results. Therefore, 
this work explores the ED separation of R-410A, an equimass mixture of 
R-32 and pentafluoroethane (R-125), for which the VLE presents very 
low temperature glide. There is a growing interest in the recovery of R- 
32, as this refrigerant is being used as replacement of R-410A, as well as 
in the formulation of alternative, low-GWP HFC/HFO blends, such as R- 
454C, R-459B, and R-457A [40–42]. First, a selection of ILs based on 
their structure–property relationships was conducted considering those 
ILs for which the VLE of R-32 and R-125 had been experimentally 
described over a wide range of pressures and temperatures. For the 
selected ILs, the VLE data were accurately described with the Non- 
Random Two-Liquid (NRTL) thermodynamic model, and the ED pro
cess was designed using equilibrium and rate-based models to evaluate 
the relevance of considering mass transfer limitations in the IL phase. To 
that end, three ILs with different absorption, selectivity and viscosity 
properties were eventually selected and analyzed: (i) 1-butyl-3-methyl
imidazolium hexafluorophosphate ([C4C1im][PF6]), (ii) 1-ethyl-methyl
imidazolium thiocyanate ([C2C1im][SCN]), and (iii) 1-hexyl-3- 

methylimidazolium bis(trifluoromethylsulfonyl)imide ([C6C1im] 
[Tf2N]). Among them, various operating and design variables, namely 
the required number of stages, the solvent-to-feed ratio, the reflux ratio, 
the feed stage and the height equivalent to a theoretical plate (HETP) 
parameter, were fine-tuned to minimize the overall energy consump
tion, with the final goal of determining which IL entrainer was more 
appropriate for recovering both R-32 and R-125 with a minimum purity 
of 99.5 wt% each. Overall, this work provides insights on the benefits of 
using low viscosity ILs with elevated solubility selectivity, in contrast to 
previous studies in which the elevated absorption capacity was the 
preferred IL property. In this way, this paper contributes to the global 
goal of climate change mitigation by bringing forward meaningful ad
vances for the reclamation of fluorinated hydrocarbons. 

2. Ionic liquid screening 

The entrainer is the core element in the design of an ED process 
[35,43]. It is essential to have an accurate knowledge of the system 
phase behavior, which must be adequately described by thermodynamic 
models that will be incorporated to the simulation of the ED separation 
process. For this, the NRTL activity coefficient model was chosen given 
its accuracy to describe the VLE of F-gas/IL systems [1] and its wide
spread implementation in Aspen Plus process simulator [33,37,44]. 
Table S1 (Supporting Information) collects the initial group of 37 IL 
candidates, of which more than 20 ILs present VLE data of absorption of 
R-32 and R-125 [1,45,46]. The contents of Table S1 include the number 
of VLE datapoints available in literature for each pair IL/R-32 and IL/R- 
125. Other columns inform about the range of temperatures and pres
sures in which the VLE was characterized, the IL viscosity and its melting 
point. Next, we selected the ILs for which there are VLE data over a wide 
range of temperatures and pressures, which will enable to perform a 
trustworthy thermodynamic adjustment [47]. Also, ILs that exhibited 
viscosity above 100 mPa⋅s at 318.15 K and/or a melting point higher 
than 288.15 K were discarded. Thus, seven imidazolium-based ILs, with 
two, four, and six-carbon alkyl chains in the cation, and different anion 
moieties ([PF6]− , [Tf2N]− , [BF4]− , [dca]− , and [SCN]− ) were selected, 
including non-fluorinated ILs that exhibit higher solubility selectivity at 
the expense of relatively lower absorption capacity. 

After this first screening, deeper insight into the desired properties of 
potential IL candidates was gained by considering three relevant factors: 
1) the absorption capacity of the IL towards R–32 (ACR− 32); 2) the 
separation factor of the components of the R-410A binary mixture 
(αR− 410A), calculated at 318.15 K and 1.4 MPa, conditions selected from 
previous literature [27]; and 3) the IL viscosity at the same temperature 
and atmospheric pressure [48–53]. Both ACR− 32 and αR− 410A have a 
significant impact on ED variables such as the packed column height, the 
solvent-to-feed ratio (S/F), and the column temperature profile, which 
will have an impact on the energy requirements and the economics 
[54,55]. ACR− 32 and αR− 410A were determined from non-competitive 
VLE data according to Equations (1) and (2) [13]: 

ACR− 32 =
xR− 32

(1 − xR− 32)⋅MWIL
(1)  

αR− 410A =
yR− 125/xR− 125

yR− 32/xR− 32
(2) 

where MWIL is the molecular weight of the IL, and x and y are the 
molar fraction of the refrigerant gases in the liquid and gas phases, at 
318.15 K and 1.4 MPa. 

Fig. 1 presents the seven ILs ordered from the highest to the lowest 
viscosity at 318.15 K, where [C4C1im][PF6] is the most viscous IL (94 
mPa⋅s) and [C2C1im][dca] the least (9 mPa⋅s). Based on this overall 
view, three ILs with opposite properties were selected to evaluate their 
performance in the design of the non-equilibrium ED process to recover 
R-32 from R-410A. On the one hand, [C4C1im][PF6] was selected 
because it has the highest ACR− 32 (4.25 mol R− 32/kg IL), but exhibits a 
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relatively low αR− 410A (1.85). In addition, this IL allowed to validate our 
methodology with previous works [27,28]. Secondly, [C2C1im][SCN] 
was selected as it presents the highest αR− 410A (9.85) and a very low 
viscosity (14 mPa⋅s), although at the cost of a lower ACR− 32 (2.11 mol 
R− 32/kg IL). Lastly, [C6C1im][Tf2N] was chosen as an IL with moderate 
viscosity (31 mPa⋅s), and high absorption capacity of both R-32 and R- 
125 and thus, a very low αR− 410A (1.31). 

3. Separation process design 

3.1. Design basis 

The ED process consists of the three units shown in Fig. 2: (i) the 
extractive distillation column (EDC), (ii) the recovery of the entrainer in 
two flash evaporators placed in series, and (iii) the solvent recon
ditioning before being recirculated to the EDC. Firstly, the blend R-410A 
(50 wt% R-32 and 50 wt% R-125) and the IL entrainer are fed to the 
EDC, a packed column, where the IL preferentially absorbs R-32. 
Thereby, R-125 becomes the distillate stream, and the IL with the 
absorbed R-32 the bottoms stream. Different alternative configurations 
can be applied to recover the IL [16,28], such as another distillation 
column [56,57], a flash unit [19,27], or two flash units in series [26,58]. 
Monjur et al. [28] concluded that the use of two flash units in series (F1, 

F2) is the best option in terms of sustainability and economics. Finally, 
the pressure and temperature of the IL are adjusted before returning it to 
the EDC using a pump and a heat exchanger. 

In this work, we used the process simulator Aspen Plus v11 to design 
the ED process. The RadFrac block was selected to simulate the EDC 
operation, as it supports the definition of the model to be adopted, either 
equilibrium or rate-based. In addition, it provides a set of different types 
of packing and correlations to describe the kinetic behavior of the 
phases. Among those available, the Mellapak 750Y Sulzer-structured 
packing was selected, as it is widely employed due to its high surface 
area [36,59]. The correlations of Bravo et al. [60] to describe the mass 
transfer and the method of Chilton and Colburn [61] for the heat transfer 
were used in this work. In this selection, we followed the recommen
dations of Quijada-Maldonado et al. [37], who validated the accuracy of 
the simulation of the IL-based water/ethanol ED process with pilot-plant 
experimental data. 

In addition, the following heuristics were considered to design the 
ED process. The feed flowrate of R-410A (100 kg/h) was introduced as a 
liquefied stream at the operating pressure, which enhances the separa
tion performance with respect to introducing the feed in vapor phase 
[27], and the IL stream was fed at 288.15 K. The EDC was operated at 
1.4 MPa for [C4C1im][PF6] and [C6C1im][Tf2N], and 1.0 MPa for 
[C2C1im][SCN] because this IL exhibits much higher selectivity and 
therefore, it is possible to operate the EDC at lower temperature and 
consequently, at lower pressure to avoid liquefaction of the HFCs within 
the EDC. On the quest for a total R-32/R-125 separation, the distillate 
rate was fixed at 50 kg/h. Moreover, as ILs have negligible vapor pres
sure, the IL feed stage was set at the top of the column to ensure the 
maximum contact between gas and liquid streams [62–64]. Regarding 
the flash operation, the temperature was set equal to the reboiler tem
perature to reduce the energy requirements, and the first flash drum was 
operated at atmospheric pressure, while the pressure in the second one 
was set at 0.01 MPa, following previous works that proved the viability 
of this scheme to regenerate the IL [26,28,58]. 

To acquire reliable results in the equilibrium and rate-based process 
simulations, the physical and transport properties of the ILs must be 
defined. Tables S2-S6 of the Supporting Information (SI) collect all the 
required properties of the selected ILs (normal boiling point, critical 
temperature, pressure and molar volume, compressibility factor, acen
tric factor, and the Rackett’s compressibility factor) as well as the 

Fig. 1. R-32 and R-125 absorption capacity, and R-410A separation factor of seven ILs at 318.15 K and 1.4 MPa, as well as IL viscosity at 318.15 K and atmo
spheric pressure. 

Fig. 2. ED separation process flow diagram including the IL regeneration and 
conditioning steps. 
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models used to describe the temperature-dependent properties: ideal gas 
and liquid heat capacities, vapor pressure, heat of vaporization, vis
cosity, and surface tension. In addition, Table S7 includes the NRTL 
parameters of the ILs. 

3.2. Design procedure 

The design procedure consisted of a sequential (hierarchical) work
flow in which the first step was the calculation of the EDC considering 
the equilibrium model. Fig. 3A shows the workflow followed in this first 
step to fine-tuned the number of theoretical stages, the R-410A inlet 
stage, the S/F ratio, and the reflux ratio, aiming to conceive the design 
with the minimum number of stages that satisfies the required purity of 
99.5 wt% R-32 at the exit of the flash units. At this point, some 
maximum limits were considered: a reflux ratio value of 4, S/F ratio of 
20, and maximum number of theoretical stages of 40, including 
condenser and reboiler [27,28,56]. 

Next, the ED process design based on the rate-based model was 
implemented (Fig. 3B) starting from the result of the equilibrium-based 
design (result of Fig. 3A), and finally, the stepwise rate-based design was 
performed, as described in Fig. 3C. The rate-based model was initialized 
with an HETP parameter of 0.17 m, as specified by the packing manu
facturer [38,65]. For the optimization of the ED rate-based design, in 
case the required product purity was not achieved after shifting from the 
equilibrium to the non-equilibrium model, first the packing height was 
increased by adjusting the HETP to obtain an initial rate-based design 
that satisfies the purity requirements. Then, the operation variables 
(feed stage, S/F ratio and HETP) were adjusted by sensitivity analyses to 
minimize the energy consumption and avoid flooding phenomena, 
which would lead to a significant increase in pressure drop, liquid hold- 
up and loss in separation efficiency [66]. Finally, the economic evalu
ation of the best process design for each IL was undertaken following the 
cost estimation methodology described in the SI. 

4. Results and discussion 

4.1. Equilibrium vs. Rate-based ED process design 

This section analyzes the relevance of applying a rate-based model in 
the design of the ED process for the separation of R-410A when using ILs 
as entrainers. For this purpose, the ED column was first designed with 
the equilibrium model to reach the 99.5 wt% purity products, following 
the method described in Fig. 3A. The ED process layout using [C2C1im] 
[SCN] as entrainer is shown in Fig. 4, which illustrates the main process 
and equipment variables (in black and blue colors). Throughout the rest 
of this article, the figures present the [C2C1im][SCN] results because this 
is the most interesting IL for the R-410A separation among those eval
uated. Once obtained these equilibrium model-based designs, the model 
was changed to the non-equilibrium to recalculate the purity of the 
product streams considering the rate of mass transfer under the same 
process design. As a consequence, the compositions of the distillate and 
bottoms streams and exiting streams from the flash units were altered 
(results written in orange color in Fig. 4). The analogous process flow 
diagrams that result from using [C4C1im][PF6] and [C6C1im][Tf2N] as 
entrainers are presented in Figures S1 and S2 of the SI. 

As can be seen, in the case of considering the equilibrium model, an 
18-stage column (excluding condenser and reboiler), a S/F ratio of 5.80 
and a reflux ratio of 1.4 were required with the IL [C2C1im][SCN] to 
reach the target product purity (99.55 wt% R-125 in the distillate and 
99.55 wt% R-32 in the outlet stream of the second flash unit, respec
tively). However, the products purity decreased to 94.09 wt% if the rate- 
based model is considered for the same column and operating condi
tions. Similar results were obtained with the IL [C4C1im][PF6] 
(Figure S1 in the SI), yet at the expense of increasing the S/F ratio to 
6.75, a similar design to that presented by Finberg & Shiflett [27]. 
However, considering [C6C1im][Tf2N], an IL with low solubility selec
tivity for this separation, very significant differences in the product 
purity were observed between the results of equilibrium and rate-based 

Fig. 3. Design workflow: A) Equilibrium design, B) Rate-based initialization, and C) Rate-based design.  
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models (Figure S2 of the SI). Under equilibrium considerations, the 
maximum product purity achieved was 95.12 wt% with the maximum 
S/F ratio and number of stages defined in Section 3.2 (reflux ratio of 4, 
S/F ratio of 20), which would lead to discard this IL as entrainer in a 
preliminary assessment due to its low solubility selectivity. In contrast, 
the performance of [C6C1im][Tf2N] was greatly improved when the 
rate-based model was applied, although the target purity was not ach
ieved either. These differences are a consequence of the evaluation of 
the gas diffusion rate in the EDC and the fact that, when the equilibrium 
model is applied, the concentration of R-32 and R-125 reaching the bulk 
of the IL is overestimated. Therefore, it becomes clear that mass transfer 
plays a key role in the performance of EDCs with IL entrainers and 
consequently, the rate-based model should be considered in the 

separation process design. 

4.2. Influence of IL properties on the rate-based process design 

Prior to the rate-based design and following the procedure described 
in Fig. 3B, the HETP parameter was initially increased from the equi
librium design value (0.17 m) until obtaining initial rate-based designs 
in which the target purity of 99.5 wt% was reached for the three ILs. This 
is achieved with 0.22 m for [C4C1im][PF6] and [C6C1im][Tf2N], and 
0.45 m for [C2C1im][SCN]. Next, the stepwise design of the rate-based 
ED process was performed assessing the influence of the feed stage po
sition, the S/F ratio and the HETP parameter on the purity of products. 
The feed stage defines the extraction section of the column, directly 

Fig. 4. ED process flow diagram of R-410A separation, using [C2C1im][SCN] as entrainer, derived from the equilibrium step (blue). The results in orange correspond 
to the same process design (equal number of stages, reflux ratio and S/F ratio), but shifting the model to rate-based, that is, the non-optimal rate-based 
design (orange). 

Fig. 5. Purity of products as a function of the HETP and S/F ratio using [C2C1im][SCN] as entrainer. The red line represents the target product purity.  
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influencing the products purity. The influence of this variable is 
described in Section 5 of the SI, showing a similar trend when the 
equilibrium or rate-based model was used for the three ILs. 

Fig. 5 shows the influence of the S/F ratio and of the HETP param
eter, on the products quality when the ED column was furnished with 
[C2C1im][SCN]. As can be seen, for S/F ratios lower than 5.75 the 
product purity specification is not achieved for any HETP value. More
over, for a fixed R-410A feed flowrate, increasing the IL flowrate or the 
packing height led to higher product purity up to an asymptotic value of 
99.8 wt%. For the case of [C2C1im][SCN], the minimum HETP that 
satisfied the target purity was 0.33 m coupled with a S/F = 7.75 (IL 
flowrate of 775 kg/h). A further increase of the entrainer flowrate did 
not provide a noticeable improvement on the products purity, as can be 
seen when a S/F ratio of 8.0 was applied. Moreover, reducing the IL 
flowrate was only possible at the expense of increasing the HETP. 
Consequently, numerous points that meet the target purity can be 
identified in Fig. 5. The analysis of the other two IL entrainers, [C4C1im] 
[PF6] and [C6C1im][Tf2N], was also performed showing similar trends 
to that found for [C2C1im][SCN], although with significant differences 
in the magnitude of the S/F values obtained (Figures S4 and S5 of the SI). 

To gain deeper insight into the best ED process design for each IL, the 
energy consumption was thoroughly analyzed. The total energy 
required (TER) to separate one kg of the refrigerant blend R-410A into 
their components R-32 and R-125 with 99.5 wt% purity was calculated 
as the absolute sum of the energy requirements of each process unit, 
considering the following contributions: (i) the heat used in the reboiler 
and flash units (Qh), (ii) the cooling demands of the condenser and 
cooler (Qc), and (iii) the electricity (W) consumed by the pump to 
pressurize the IL. For [C2C1im][SCN], the energy demands of the 
different process units are summarized in Fig. 6 for the scenarios 
selected, which included the two extreme points, that is, the one with 
the lowest IL flowrate and highest HETP (S/F = 5.75, HETP = 0.45 m), 
and the one with the lowest HETP and the highest flowrate (S/F = 7.75, 
HETP = 0.33 m), plus two intermediate cases (S/F = 6.0, HETP = 0.39 
m; and S/F = 6.5, HETP = 0.36 m). The conditions used for the analysis 
of the analogous scenarios for the other ILs are collected in Table S10 of 
the SI. 

In all cases, the reboiler was the most energy intensive equipment, 
followed by flash 1 and the cooler. The energy of the second flash and 
the pump accounted for less than 3% of the total energy demands, in the 
worst case. By analyzing the effect of the IL flowrate, the process units 
could be divided in three groups. The first one gathers the reboiler, the 
cooler and the pump, whose energy requirements increased on 
increasing the IL flowrate and reboiler temperature, because more en

ergy is needed to desorb the gas in the reboiler and to reduce the tem
perature of the IL before entering the ED column. For the second group, 
composed of the flash drums, increasing the IL flowrate posed a positive 
effect because the gas expansion lowered the cooling requirements. 
Lastly, the condenser is not influenced by the IL flowrate, and its energy 
demand remained constant in all the cases analyzed. All considered, 
there is a direct relationship between the S/F ratio and reboiler tem
perature with the TER of the process, which ranged between 0.168 and 
0.213 kWh/kg R-410A treated with [C2C1im][SCN] as the IL entrainer. 

The same analysis was conducted with the other two IL entrainers, 
[C4C1im][PF6] and [C6C1im][Tf2N], obtaining analogous trends that are 
described in Figures S6 and S7 of the SI. A summary of the optimal ED 
process designs for each IL is collected in Table 1, and the analysis of the 
equipment contributions to the global energy consumption and the 
economic analysis are depicted in Fig. 7. The IL [C2C1im][SCN] led to 
the lowest TER, 0.168 kWh/kg R-410A, which is 28% lower than that 
achieved with [C4C1im][PF6], and about one-seventh compared to using 
[C6C1im][Tf2N]. The main differences were observed in the re
quirements of the reboiler and the cooler, which increased greatly in the 
order [C2C1im][SCN] < [C4C1im][PF6] < [C6C1im][Tf2N]. Regarding 
the process economics, a similar trend was observed. The lowest unitary 
cost (UC), i.e. the cost of treating one kg of R-410A, is attained with the 
[C2C1im][SCN]-based design, 0.044 $/kg R-410A, which is 10% and 
66% lower than for [C4C1im][PF6] and [C6C1im][Tf2N], respectively. 
This is mainly attributed to the IL solubility selectivity, that is, a lower 
separation factor implies the need of a higher EDC temperature profile. 
This leads to more energy being required in the reboiler and the cooler, 
and consequently to higher operating costs, since the latter has to chill a 
larger amount of entrainer that exits the EDC at a higher temperature. In 
particular, the energy requirements in both units (reboiler and cooler) 

Fig. 6. Energy requirements of rate-based ED process designs with [C2C1im][SCN].  

Table 1 
Characteristics of the best rate-based ED process designs according to the energy 
consumption analysis. F = 100 kg/h R-410A.  

IL Reboiler 
Temperature 
(K) 

S/F 
Ratio 

Packing 
Height 
(m) 

Total Energy 
Requirements 
(kWh/kg R- 
410A) 

Unitary 
Costs 
($/kg R- 
410A) 

[C2C1im] 
[SCN] 

310  5.75  8.10  0.168  0.044 

[C4C1im] 
[PF6] 

333  4.0  7.56  0.234  0.051 

[C6C1im] 
[Tf2N] 

382  14.5  13.49  1.122  0.136  
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were one order of magnitude higher in the [C6C1im][Tf2N]-based design 
than for the other two ILs. This was also true for the condenser and the 
pump, but to a lesser extent. Regarding the flash units, the opposite 
trend was observed, as the cooling effect produced by the gas desorption 
decreased when the volume of solvent was increased, which entailed less 
energy to be applied for the isothermal flash operation. Another disad
vantage of using a higher S/F ratio is the requirement of larger equip
ment sizes, resulting in higher costs, as observed in the design of the the 
[C6C1im][Tf2N] with respect to those of [C2C1im][SCN] and [C4C1im] 
[PF6] in Fig. 7B. 

Therefore, in view of the energy and economics results, the separa
tion factor αR− 410A is placed as one of the key properties to evaluate for 
selecting the IL entrainer, as its influence on the rate–based ED process 
design is more significant than the IL absorption capacity AC. Particu
larly, in the search of the best IL entrainer for the separation of the R- 
410A refrigerant mixture, the high R-32 sorbing but low selective 
[C6C1im][Tf2N] was discarded (Figure S15). Comparing the separation 
process designs between the highly selective [C2C1im][SCN] with low R- 
32 absorption capacity (Fig. 8), and the high R-32 sorbing [C4C1im] 
[PF6] with low solubility selectivity (Figure S11), the use of [C2C1im] 
[SCN] demands 28% less energy to achieve 99.5 wt% purity of the gas 
products, which leads to similar investment costs but 20% lower 

operation costs in comparison with [C4C1im][PF6]. Thus, this work 
points to the non-fluorinated [C2C1im][SCN] as an excellent IL entrainer 
for separating the R-410A refrigerant mixture with the minimum TER 
and UC. 

5. Conclusions 

In this work, the influence of IL entrainer properties on the design of 
ED processes to separate the close boiling R-410A refrigerant blend into 
its main components, R-32 and R-125, is reported considering mass 
transfer phenomena (rate-based model), and the results compared to 
those obtained with an equilibrium model. Given the higher viscosity of 
ILs compared to conventional solvents, the need to consider mass 
transfer phenomena in the design of the separation process was 
reflected. 

Regarding the selection of the most suitable solvent, the influence of 
IL properties such as the absorption capacity and the separation factor 
were evaluated. The latter was found to be the most influential param
eter in the design of the ED process with rate-based models, as a higher α 
leads to lower energy and economic requirements. This rational 
assessment of ILs together with a rate-based analysis of the separation 
process led us to select the non-fluorinated IL [C2C1im][SCN] as one of 

Fig. 7. Comparison of the energy requirements (A) and the process economics (B) among the lowest energy consumption designs of the three ILs [C2C1im][SCN], 
[C4C1im][PF6] and [C6C1im][Tf2N]. 
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the most promising ILs for the separation of R-410A because of its 
attractive αR− 410A (9.85) and very low viscosity, ahead of ILs with higher 
absorption capacity proposed in previous works. 

More specifically, [C2C1im][SCN] allows the separation of the target 
R-410A blend into its components R-32 and R-125 with a purity of 99.5 
wt% using an 8.1 m height column, a S/F ratio of 5.75 and a low tem
perature profile (286–310 K), which can be translated into a consump
tion of 0.168 kWh/kg R-410A and an estimated cost of 0.044 $/kg R- 
410A. Moreover, we expect that the resulting ED design with [C2C1im] 
[SCN] can be further improved following a rigorous optimization pro
cedure, analogous to that performed by Monjur et al. [28] for [C4C1im] 
[PF6], but considering rate-based models. 

In view of the results obtained, further development of IL-based ED 
processes to separate refrigerant mixtures should consider the rate- 
based model and prioritize the search of ILs with high selectivity and 
low viscosity, instead of ILs with high sorption capacity, if it is expected 
that the equilibrium conditions are not attained within the ED column. 
In addition, experimental data on mixture viscosity for the systems of 
greatest interest are required to account for excess viscosity effects on 
the process design. Overall, this work contributes to the design of 
enabling technologies for the selective separation of refrigerants, which 
is essential to minimize the uncontrolled emissions of high-GWP 
hydrofluorocarbons and boost the recovery and recycling of these 
value-added compounds. 
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