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Abstract

Treatment of persistent perfluorocarboxylic acids in water matrixes requires of strong
oxidation conditions, as those achieved by boron doped diamond (BDD)
electrooxidation (ELOX). However, large scale implementation of ELOX is still
hindered by its high energy consumption and economical investment. In this work,
we used process systems engineering tools to define the optimal integration of a
membrane pre-concentration stage followed by the BDD electrolysis of the
concentrate, to drastically reduce the costs of treatment of perfluorohexanoic acid
(PFHXA, 100 mg L) in industrial waste streams. A multistage membrane cascade
system using nanofiltration (NF90 and NF270 membranes) was considered to achieve
more sophisticated PFHXA separations. The aim was to minimize the total costs by
determining the optimal sizing of the two integrated processes (membrane area per
stage and anode area) and the optimal process variables (pre-concentration operating
time, electrolysis time, input and output concentrations). The non-linear programming
model (NLP) was implemented in the General Algebraic Modelling System (GAMS).
The results showed that for a 2-log PFHxA abatement (99% removal), the optimal
two membrane stages using the NFO0 membrane obtains a 75.8% (6.4 $ m3) reduction
of the total costs, compared to the ELOX alone scenario (26.5 $ m™). The optimized
anode area and the energy savings, that were 85.3% and 88.2% lower than in ELOX
alone, were the major contributions to the costs reduction. Similar results were
achieved for a 3-log and 4-log PFHxA abatement, pointing out the promising benefits
of integrating electrochemical oxidation with membrane pre-concentration through
proper optimization for its large-scale application to waters impacted by

perfluorocarboxylic acids.
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1. Introduction

The growing presence of non-biodegradable and recalcitrant compounds in the
environmental media and the inability of traditional wastewater treatment plants to
remove this type of pollutants have forced researchers around the globe to find
alternative treatment technologies (Saez et al., 2013). Among them, electrochemical
oxidation (ELOX) has gained a lot of attention as a promising technology for the
mineralization or partial conversion of recalcitrant organic pollutants in wastewater
(Anglada et al., 2009). ELOX may occur by two different mechanisms, direct
oxidation and indirect oxidation, or a combination of both. Direct oxidation involves
the diffusion of pollutants from the bulk of the liquid phase to the anode surface,
followed by the direct electron transfer from the absorbed compounds. In indirect
oxidation, the pollutant reacts in the liquid phase with electrogenerated oxidizing
species, typically hydroxyl radicals (*OH), sulfate radicals and chlorine (Panizza and

Cerisola, 2009).

The outstanding degradation capability of the ELOX technology is extended to the
elimination of extremely recalcitrant perfluoroalkyl substances (Gomez-Ruiz et al.,
2017). Per-and polyfluoroalkyl substances (PFASs) are a family of persistent man-
made organic compounds that have been extensively used for the last half century in
the manufacturing of a wide variety of products (Ross et al., 2018; Valsecchi et al.,

2017). The growing concern about their bioaccumulation potential and ubiquitous
3



64

65

66

67

68

69

70

71

72

73

74

75

76

77

78

79

80

81

82

83

84

85

86

presence in the environment, especially of long-chain PFASS (number of C > 7), have
led to limitations in their production and use, and extensive research is currently being
performed about their treatment (Arvaniti and  Stasinakis, 2015).
Perfluorooctanesulfonic acid (PFOS) and perfluorooctanoic acid (PFOA) were
incorporated into the European Union REACH regulation (The European
Commission, 2017, 2010), with restrictions to their use and manufacture.
Additionally, the USEPA has stablished PFOA and PFOS health advisory levels at 70
ng L? in drinking water (USEPA, 2016). Manufacturers are progressively phasing-
out long-chain PFASs with their short-chain homologues and 6:2 fluorotelomers
(Wang et al., 2013), also with high persistence properties (Brendel et al., 2018).
Besides, 6:2 FTSA biodegradation pathways lead to short-chain perfluorocarboxylic
acids, being PFHXA a major product (Zhang et al.,, 2016). Thus, growing

concentrations of PFHXA in the environment are expected in the next years.

PFASs degradation by means of boron doped diamond (BDD) electrodes has been
successfully applied at laboratory scale, achieving excellent defluorination and
mineralization ratios in different concentration ranges and water matrixes, including
industrial wastewater and groundwaters impacted by soil pollution (Gomez-Ruiz et
al., 2018, 2017; Schaefer et al., 2017, 2015; Soriano et al., 2017; Urtiaga et al., 2015;
Zhuo et al., 2012). However, a major drawback of electrochemical oxidation is the
slow overall kinetics that results from mass transfer limitations in the low
concentration range of PFASs (Pan et al., 2019). BDD electrodes also have the
disadvantage of high chlorate and perchlorate generation, that, however, can be

diminished working at low current densities (Urtiaga et al., 2018). Also, low
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concentration of organics usually leads to low current efficiency, promoting
undesirable secondary reactions such as the O, evolution reaction (Panizza et al.,
2001). As a consequence, the high energy consumption of the ELOX technology
(Anglada et al., 2010a; Gomez-Ruiz et al., 2017; Madsen et al., 2015) and the high
economic investment when large electrode areas are needed (He et al., 2018;
Radjenovic and Sedlak, 2015), make the large-scale practical implementation of

electrooxidation for PFASs treatment an actual challenge.

The use of membrane separation processes could solve these limitations through the
previous concentration of PFASs. On the one-hand, the higher concentration of
organic compounds will boost the mass-transfer controlled kinetics of the electrolysis.
Also, the natural content of dissolved salts will achieve higher concentrations, and the
electrolyte will increase its electrical conductivity. As a result, the cell voltage of the
electrochemical reactor will decrease, making the process less energy consuming
(Bagastyo et al., 2012; Pérez et al., 2010). The higher concentration of electrolytes
could also help to promote the electrochemical generation of oxidant species involved
in degradation routes. Our previous experimental work (Soriano et al., 2017) reported
the concentration of PFHxA from industrial process waters by means of
nanofiltration, that was followed by the electrochemical degradation using BDD
electrodes. The energy consumption of the electrolysis stage was estimated at 15.2
kWh m for a 90% PFHxA abatement, a value that is significantly lower than the
energy consumptions previously reported (Niu et al., 2016) for PFASs electrolysis.
However, when more demanding PFHXA removals are needed, more sophisticated

separations will be required, such as membrane cascade systems. Besides, a more
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rigorous and not only energy-focused evaluation of the total economy of the

integrated process is also needed.

The rigorous design of a single-stage or multistage membrane pre-concentration
integrated to the ELOX process is a complex issue, as several variables regarding its
sizing and operation should be considered. The most relevant are the following: the
membrane area per stage, number of stages, the anode area, the pre-concentration
operating time, the electrolysis time, the concentrated volume to be electrolyzed as
well as the input and output concentration of solutes to the ELOX system and output
concentration of all solutes in the permeate and concentrate stream. They affect many
other variables, as the flowrates of the membrane system, the pumping and ELOX
system energy consumption, operating costs and capital investment costs. All these
variables are strongly interrelated and a trade-off between them should be established.
Additionally, the resulting hybrid process design must be less costly compared with
the application of the individual ELOX process alone. To design such complex cost-
optimal process it is necessary to use computer aided process engineering tools. The
formulated optimization problem must be solved by minimizing the total costs of the
integrated process, at the same time the optimal values of all the variables involved in
the process are calculated. To the best of our knowledge, this is the first time that
optimization models are used for the optimal integration of membrane and

electrochemical oxidation systems.

The novel approach proposed in this work is aimed at solving some of the challenges
for the implementation of ELOX technology. The case of study deals with the

treatment of persistent short chain perflurocarboxylic acids. More specifically, the
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objective was set at the 2-log, 3-log and 4-log reduction of PFHXA concentration in
the treated water. We developed a semi-empirical mathematical model describing
PFHXA concentration by means of a cascade of membrane elements and the BDD
electrolysis of the concentrate stream obtained as retentate in the membrane system.
We used optimization tools to determine the minimum total costs of the hybrid
process, considering both the capital costs and the operating costs. To that end,
optimal process sizing parameters and process variables were obtained for different

target PFHXA concentrations at the end of the treatment train.

2. Methodology
2.1. Description of the integrated process including membrane pre-concentration

coupled to electrooxidation

A schematic chart of the proposed membrane pre-concentration coupled to
electrolysis system is illustrated in Fig. 1a. Both processes will be designed to work
in sequential batch mode. First, the feed is sent to the pre-concentration (PC)
membrane unit. At the end of the pre-concentration run time (tec), the volume of
retentate that remains in the feed tank is used to feed the ELOX system. After the
required electrolysis time (teLox), the electrolyzed volume is mixed with the volume
of permeate that was obtained in the membrane pre-concentration, resulting in the
product volume. Transfer times are neglected. Each batch is processed once the

precedent one has been completed.

The proposed membrane separation consists of a multistage cascade of membrane
units where the permeate stream of the k stage is pressurized to become the feed to

the k+1 stage (Fig. 1b). The successive filtration stages will allow to reduce the
7
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concentration of pollutants in the permeate, that is finally collected in the permeate
tank. The retentate stream of each stage is recycled to the previous stage, except the
retentate from the first stage, that is recycled to the feed tank. In this way, the PFHxA
concentration in the feed tank will increase over time. This multistage cascade design
has been previously proposed for the separation of various chemicals when very high
purities are demanded (Abejon et al., 2014, 2012; Caus et al., 2009). The
characteristics of two nanofiltration membranes, NF90 and NF270 commercialized
by Dow Filmtec, were considered for this study. Both membranes were previously
tested at laboratory scale (Soriano et al., 2019a, 2019b) for the separation of PFHxA.
The results showed that the NF90 membrane highly rejects PFHXA (rejection R>99%)
but its water permeability is about one-half the permeability of the NF270 membrane,
although the latter one achieved PFHXA rejections up to 95%. Ideally, the PFHXA
concentration in the permeate should be as low as possible, although the membrane
should be highly water-permeable, to diminish pre-concentration times and the costs
related to the membrane system. Therefore, the evaluation of the NF90 and NF270
membranes in the different scenarios will help to identify the impact of the membrane
selectivity/productivity trade-off on the optimal total cost of the hybrid process.
Furthermore, the ELOX system is designed as a battery of n electrochemical reactors
disposed in serial-parallel arrangement, all provided with boron-doped diamond
electrodes (BDD). The design is based in the pilot plant that was built and tested by
Anglada and coworkers (Anglada et al., 2010b) for the on-site treatment of landfill

leachates.
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Table 1 collects information about the problem input parameters such as operating

conditions, main characteristics of the hybrid process, and empirically obtained

parameters used to solve the optimization problem. We considered the PFHxA and

salts concentration in the feed water to be analogous to real industrial process waters

(Soriano et al., 2017)

2.2. Process modelling

The following assumptions were made when modelling the process.

In the cascade membrane separation process, friction losses at the feed side of
the membrane element are neglected and, consequently, feed and retentate
pressure are the same. Therefore, the retentate is not pressurized when it is
recycled to the previous stage; however, the membrane permeate side is at
atmospheric pressure, and its pressure must be increased before feeding it to
the next membrane stage (Melin and Rautenbach, 2007).

Membrane fouling was not considered and therefore membrane permeability
and the selectivity factor (a') will be used as constant parameters in the range
of concentration studied.

All process streams are dilute aqueous solutions with the same constant
density.

The residence time of the fluid inside the stack of electrochemical reactors is

negligible compared to its residence time in the recirculation tank.
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Modelling of the multistage membrane system: Overall and component mass balances
for PFHXA and saline solutes in the feed and permeate tanks, assuming perfect

mixing, are written as follows,

av,
d_tht =0Qr1— th 1)
av.

d(Vye Cfe)

dt = QR,1 C}iz,l - th C]l;t 3)
d(Vpe Cpe) i 4
— dr Qpn Cpn

The subscript k=1,2,...n refers to the number of the membrane stage. The superscript
i refers to the different compounds. The group of ordinary differential equations given
by Eqgs (1)-(4) were discretized by Lagrange interpolation polynomials using Runge-
Kutta collocation methods in order to be solved as algebraic equations by GAMS

(Biegler, 2010).

The equivalent saline concentration in the feed tank was calculated according to Eqg.

(5) (Pérez-Gonzalez et al., 2015):

S )
Cog = 0.5 Z 17| L,
i=1

The overall and solute mass balances in the mixers are written as follows:

Stage 1
10



Qfe + Qr2 = COF (6)

th Cfit + QR,ZCIE;’,Z = QF,lCIl;',l )
210 Stage k

Qpi-1+ Qri+1 = Qrk (8)

Qpk-1Chr—1 + Qri+1Chrsr = QriChi ©)
211 Stage n

Qpn-1 = Qrn (10)

QP,n—lCIiD,n—l = QF,nCFi‘,n (11)
212 The overall and component i mass balances in the membrane modules are the
213 following:

Qrk = Qrx + Qp (12)

QriChx = QriChi + QpiChi (13)
214 The solute rejection factor at each membrane stage is defined as follows:

Ri = (1 - Ci’"‘) X 100 (14)

Fk
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This equation can be rearranged to solve the solute mass transport across the
membrane. Defining a'=1-(R'/100), we obtain the following relationship between the

feed and the permeate solute concentration:
C}i’,k = aiCFi',k (15)

where o' are empirically obtained selectivity parameters that are specific from each

membrane and for every solute i (Table 1).

The permeate flowrate from membrane stage k is calculated using the modified
Darcy’s law expression, which considers the effective pressure gradient (4P-Ax)

across the membrane:
Qpx = 1073 Ly, Ay, (AP — Am) (16)

where L, is the empirically determined membrane permeability (Soriano et al., 2019a,
2019b). The osmotic pressure difference (in psi) between both sides of the membrane

is calculated according to Eq. (17) (Asano, 1998):

7 =119 szi 17

Modelling of the electrochemical reactor: The PFHXA mass balance in the ELOX

recirculation tank is defined as follows,

dCELOX Aa

=-k C —
dt PFHXACELOX Y

(18)

12
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where kprrxa is the PFHXA electrochemical degradation kinetic constant. Table 1
contains the empirically determined kprrxa Value at 50 A m?in laboratory scale
experiments (Soriano et al., 2017) using the BDD cell that is replicated in the design
of the pilot plant. It should be noted that in Eq. (18) VeLox is the electrolyzed volume,
which is equal to the volume of concentrate that was obtained in the membrane system
at the end of the pre-concentration run (VeLox = Vs (trc)) and at teLox=0, CeLox is equal

to CPFH (tec).

From the mass balance at the mixing point we can calculate the required ELOX output
concentration to meet the required PFHXA target concentration at the exit of the
treatment train (Eq. (19)). Here, the target concentration will be defined by the desired
PFHXA total abatement of the initial PFHXA concentration of fresh feed entering the
process. In this work, we evaluated a 2-log (99%), 3-log (99.9 %) and 4-log (99.99

%) reduction of the initial PFHxA concentration CPFH*4¢ (0).

Cerox = VRF [Ctarget - CngXA (1—-VRF™)] (19)

In Eq. (19), VRF symbolizes the volume reduction factor in the pre-concentration run.
VREF is the ratio between the initial feed volume and the final concentrate volume in
the feed tank, at the end of the pre-concentration run. In the same way, we integrated
Eq. (18) to define the required electrooxidation time to meet the demanded CeLox, EQ.

(19), as a function of the pre-concentration time:

In[Crrox/ CﬁFHXA(tPc)] VeLox (20)
—kpruxa Aq 60

teLox =

13
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Where 60 is a factor (min h™t) for the unit conversion of kpgxa.
2.3. Process economics

The hybrid process was optimized by determining the minimum total annual cost
(TC), accounting for the capital expenditures (CAPEX) and the operating
expenditures (OPEX):

r(1+7r)t

TC = CAPEX————~— + OPEX 21
c=c T 1to (21)

In Eq. (21), the operating costs are on annual basis and the total capital investment is
annualized taking into account the time value of money, being T the period of time
and r the investment rate (Biegler et al., 1997). The fully detailed list of equations
used for the estimation of capital and operating expenditures in Eq. (21) can be found
in Table 2. The main parameters used in the process economics model are listed in

Table 3.

We can also define the total specific cost (TSC) as the total annual cost related to the

annual treated volume production (AP), the latter being defined as:

AP =

. Vi (0) (22)
cycle

with OF being the annual operation factor (Table 3) and tcycie the cycle time needed to

treat a single batch volume,

teycle = tpe + terox (23)

14
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2.4. Process optimization

The full model described in Sections 2.2 and 2.3 can be formulated as the following

optimization problem statement:

min TC(x)
st h(x)=0

g(x)=0
L<x<U (37

being x the vector of decision variables, h the vector of algebraic equations, g the

model constraints and L and U the lower and upper limits of the set of decision

variables.

We impose a VRF restriction, since reducing more than ten times the initial volume

in the pre-concentration process is not a technically realistic scenario:

VRF <10 (38)

We also restrict the membrane area per stage (Ax), by defining lower and upper bounds
to this variable based on the smallest and largest NF90 and NF270 membrane modules
that are commercialized (2.6 m? (4”) and 37 m? (8”)) (The Dow Chemical Company,

2013):

2.6 < A, <37 (39)

Finally, and for the sake of comparison between different cases of study, we evaluated
the scenario in which the annual demand of volume of treated water (Eq. (22)), is

equal to 2000 m3 y2.
15
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Thus, the herein presented optimization model is aimed at the minimization of the
total annual cost (Eq. (21)) of the hybrid pre-concentration/electrooxidation process,
for a required PFHXA abatement at the end of the treatment train and for a demanded
annual volume production. For each abatement scenario, the optimal individual
operating pre-concentration and electrooxidation times are obtained, as well as the
sizing of each individual processes (i.e. the optimal total anode area and the membrane
area per stage) and the output concentrations at the exit of the pre-concentration
process, input and output concentrations at the ELOX system, energy consumption of
both processes and capital and operating costs distributions. The dynamic nonlinear
programing problem (NLP) was implemented in the General Algebraic Modelling
System (GAMS) and solved using the IPOPTH solver on a 3.20 GHz Intel® Core™

i5-6500 processor.

3. Results and discussion

3.1. Hybrid pre-concentration / electrooxidation process optimization results

Table 4 and Table 5 show the optimal pre-concentration and electrooxidation times,
membrane area per stage, anode electrode area and total cost for the different
scenarios and for two types of nanofiltration membranes (NF270 and NF90), which
differ in their water permeability and solute selectivity properties. We evaluated a 2-
log, 3-log and 4-log PFHXA elimination ratios at the exit of the process. We also
evaluated 1, 2 and 3 pre-concentration stages in the membrane system and compared
the total cost of all the scenarios with the application of ELOX alone without any pre-

concentration stage. In Tables 4 and 5, a pre-concentration time equal to zero means
16
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that the optimized solution eliminated the pre-concentration stage. This is the case of
the NF270-1 stage integration for any target PFHxA removal ratio, and the NF90-1
stage integration for 3-log and 4-log PFHxA abatement. In these cases, the hybrid
strategy does not bring any benefit from the point of view of total cost savings, since
one membrane stage is not enough to obtain a high purity permeate. Since the required
target concentration (Ctarget) is considerably lower than the permeate concentration
(CPFHAL), the output ELOX concentration (CeLox) must be acutely low to meet the
imposed mass balance at the exit of the treatment train. As a result, the ELOX energy
costs are significantly higher, and the optimal solution eliminates the pre-

concentration stage (trc=0), as it only contributes to increase the total treatment costs.

The distribution of all the optimal capital and operating costs, expressed as total
specific cost, for the different cases of study are shown in Fig. 2 and Fig. 3, using the
NF90 and the NF270 membrane, respectively. In all scenarios, the most important
contribution to the total costs are the capital costs related to the electrochemical
reactor system (from a 47% contribution in the worst scenario to a 36% impact in the
best scenario). Based on the optimization results, the costs of the ELOX reactor can
be greatly reduced though its integration with the membrane pre-concentration
strategy, as the total anode area is significantly reduced. The membrane integration
also managed to reduce all the operating costs related to the ELOX system, i.e, the
lower the anode area, the lower are the costs related to the replacement of the anodes
and maintenance. For the 2-log PFHXA abatement, the anode area can be reduced
from 9.1 m? in the case of only-ELOX, to 3.9 m? with NF90-1 stage integration, and

furthermore, to 1.3 m? with NF90-2 membrane stages and 1.4 m? with NF90-3
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344

membrane stages. This is translated into 51.3% savings of the total cost with the
NF90-1 stage integration, compared to the application of the electrooxidation process
alone. These savings are even higher with the use of 2 stages (75.8%) because of the
lower optimal anode area capital and replacement costs. Overall, the integration
results are slightly better when two membrane stages are used, since adding more
membrane stages also increases the capital and operating costs related to the
membrane system. On the other hand, cleaning costs only represents up to 0.9% of
the total costs of the integrated process. In the case of cathode scaling promoters, such
as calcium, being present at elevated concentrations, more frequent chemical
cleanings will be needed. Nevertheless, due to the minor contribution of the cleaning
costs to the total costs function the presence of scaling species would not have a great

impact on the optimization results.

When an extremely demanding PFHxA abatement is required, as it is the 4-log
elimination scenario, the integration of a three stages membrane cascade provides
better results, and the total savings increased to 78.4%, through the optimization of
all the process variables. For the highly productive but more PFHxXA permeable
NF270 membrane, a 4-log PFHXA abatement requires a three stages cascade pre-
concentration, although the total cost is slightly higher than for the NF90 integration.
This is because the optimal output ELOX concentration in the NF270 integration
scenario (CeLox=0.02 mg L) is more demanding than when using the NF90
(CeLox=0.1 mg L), which, as previously explained, is a consequence of the lower
PFHXA rejection of the NF270 membrane. As a consequence, the costs related to the

ELOX energy consumption are higher. As the ELOX capital costs clearly overshadow

18
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the membrane system equipment costs, it is possible to add up to three membrane
stages for a 4-log abatement and still get a slight reduction of the total costs. (e.g, in
the 4-log NF90 case of study). In general, the membrane equipment investment only
represents 7% to 13% of the total costs in those scenarios in which the integration

approach works, and the pump capital cost contributions are up to 7%.

The integration strategy is also able to accomplish important reductions on the
operating costs related to the energy consumption of the process compared to the
application of the electrolysis alone. Depending on the PFHXA elimination target, the
energy specific costs of the only-ELOX scenario range from 4.7 $ m= for a 2-log
PFHXA removal to 9.4 $ m=for a 4-log removal. Remarkably, the membrane coupling
approach can reduce the energy costs to 0.6 $m=, 0.7 $m=3 and 1.0 $ m3for a 2-log,
3-log and 4-log PFHXA abatement, respectively. These energy savings (up to 89%)
notably impact the total costs, as the energy cost contribution to the total costs is
reduced from a 18% to only 8-9%. The pathway for reducing the energy costs goes
through the optimization of the electrolysis time, which is much lower in the
membrane integrated system than in the approach with ELOX alone. The cutback on
the electrolysis time is mainly due to (i) the much lower volume to be electrolyzed
and, (ii) the less demanding PFHXA concentration at the exit of the ELOX system that
is needed to meet the target concentration at the exit of the treatment train (Eq. (19)).
This is also influenced by the very low PFHXA concentration obtained in the permeate
tank of the membrane system at the end of the pre-concentration run. Additionally,
membrane separation also increases the concentration of salts in solution, to make the

electrolyte more conductive, and therefore the cell voltage is also reduced,
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diminishing to a lesser degree the ELOX energy costs. As Fig. 4 shows, the ELOX
energy savings have a huge impact on the overall energy consumption. Taking as a
reference the estimated electrolysis energy consumptions of the ELOX-only scenario
(29.3 kwWh m, 43.9 kWh m and 58.5 kwh m™ for a 2-log, 3-log and 4-log PFHxXA
abatement, respectively) the optimized hybrid process consumes 29.3% — 89.7% less
energy, depending on the type of membrane used and on the number of membrane
stages. In most cases, and except for the 2-log NF90-1 stage scenario, the use of a

single membrane stage does not provide energy savings.

3.2. Parametric sensitivity analysis

The two commercial membranes considered in this work (NF90 and NF270) yielded
excellent results in the integrated process through proper optimization of the process
variables. However, it is interesting to determine if hypothetically more selective or
more permeable membrane materials would achieve better results in terms of
minimization of the total costs. It should be also highlighted that the rejection
performance of the herein studied membranes can be affected by the increase of the
solution ionic strength, pH acidification or due to the effect of concentration on the
selectivity factor. Initial permeate flux might also be reduced as a consequence of
organic and inorganic fouling. Hence, in this section, a sensitivity analysis is
performed with the aim of getting a deeper understanding on the influence of the
studied membrane properties on the total cost objective function. Additionally, we
evaluated the influence of the kinetic constant of the electrochemical PFHXA
degradation on the total costs objective function when using the NFO0 membrane and

different number of membrane stages.
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The effect of the membrane hydraulic permeability (L) and the selectivity factor
(aPF™4) on the total specific cost for a 3-log PFHXA abatement is shown in Fig. 5.
Only two and three membrane stages are illustrated since the use of a single
membrane stage did not provide any optimal TSC below the only-ELOX scenario. In
Fig. 5, the dark red area corresponds to TSC solutions in which the optimal scenario
Is to eliminate the pre-concentration process and therefore, the integration does not
provide any advantage. For orientation purposes, the optimal results of the two
commercial membranes studied in this work (NF90 and NF270) have been added to
the figure, according to their PFHXA selectivity and hydraulic permeability data
(Table 1). In Fig. 5, a"F™* ranges from P =0.1 (equivalent to RprHxa=90%) to
a"F=0.005 (RprHxa=99.5%), since the empirical values of PFHXA rejection ranged

from 94.8% (NF270) and 99.4% (NF90).

In Figures 5a and 5b, the lower left hand corner would correspond to TSC solutions
theoretically given by reverse osmosis membranes typically characterized by their
low permeability and very high selectivity (low o”™ value) (Soriano et al., 2019a).
With two membrane stages (Fig 5a), only membranes with very high PFHXA
selectivity and medium-high water permeability would be able to accomplish
significant total cost savings, as in the case of the NFO90 membrane. However, as seen
in Fig. 5a the excellent results given by the NFO0 membrane are subject to changes in
the optimum TSC with any hypothetical reduction of the PFHXA rejection
performance or by any decrease of the membrane permeate flux as a result of

membrane fouling.
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On the other hand, less selective but more water permeable membranes, such as the
NF270, achieve similar total costs savings when three membrane stages are
considered (Fig 5b). In contrast with the 2-stage integration scenario, any rejection
decline in the 3-stage integration scenario would not severally affect the optimal TSC
given by the two nanofiltration membranes. However, from a process operation
viewpoint it is easier and more suitable to manage a process with fewer membrane
stages. Also, according to Fig. 5, more selective and more productive membranes
would be able to reduce the TSC to a minimum of 7.2 $ m, which is very close to
the best scenario obtained with the commercial NFO0 membrane and by means of two
membrane stages (8.3 $ m). Finally, in any integration scenario the use of highly
PFHXA selective but low water-permeable membranes, as in the case of some reverse
osmosis membranes, is not recommended, as any noticeable reduction of the PFHxA
rejection performance would severally modify the optimal TSC, thus compromising
the benefits of the integrated strategy. It is also worth mentioning that literature
reports effective nanofiltration retentions of shorter-chained PFASs such as
perfluorobutanoic acid (PFBA), perfluorobutanesulfonic acid (PFBS) and
perfluoropentanoic acid (PFPeA), that are generally above 93-95% (Appleman et al.,
2013; Steinle-Darling and Reinhard, 2008). From Fig.5, it can be seen that the use of
the NF-ELOX strategy for the treatment of these substances may require up to 3 stages

to bring benefits from the point of view of total costs savings.

Fig. 6 shows the sensibility of the optimized solution to variations of the kinetics of
PFHXA electrolysis. Considering a 3-log PFHXA abatement and using the NF90,

doubling the value of kerrxa (Table 1) would reduce the total costs of the hybrid
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process from 8.3 $ m=3to 5.5 $ m3, a consequence of the drastic 45% reduction of the
optimal anode area. Conversely, halving the value of kerrxa has a greater impact on
the objective function, as the total costs are elevated to 13.4 $ m™. Yet, in this
hypothetical scenario the integrated strategy would be still able to reduce the total
costs a remarkable 65.3% compared to the application of the electrooxidation alone

without previous pre-concentration.

4. Conclusions

This work demonstrates the advantages of integrating membrane separation with
electrochemical oxidation for the treatment of short chain perfluorocarboxylic acids
(PFCAS) in polluted waters. This novel approach uses process systems engineering
tools to optimize the process variables in order to minimize the total costs of the
process. Particularly, we studied the treatment of perfluorohexanoic acid at

concentration levels that are found in industrial process waters (100 mg L™).

The results from this work shows that it is possible to achieve important savings in
the total costs of the electrochemical treatment of persistent PFCAs through its
integration with membrane pre-concentration. Moreover, through rigorous
optimization, the integrated membrane separation-electrooxidation process is able to
fulfil highly demanding pollutant abatement requirements, in a much less costly way
compared to the application of electrooxidation alone. Overall, elimination
objectives are satisfied just with a two-stage membrane pre-concentration layout,
achieving excellent savings of the process total costs (up to 78.4%). Overall, it is
economically preferable to use nanofiltration membranes, characterized by their

medium to high hydraulic permeability and medium to high PFHXA selectivity, in
23
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opposition to low permeable and highly selective reverse osmosis membranes. Still,

even in the best optimal integration scenarios, which allow 86% reduction of the

electrochemical reactor anodic area, the costs related to investment, replacement and

maintenance of the electrodes, clearly outweigh the rest of the process capital and

operating costs. BDD electrodes achieves outstanding performance for degradation,

mineralization, and defluorination of perfluorinated compounds. Despite the

excellent results achieved by the integrated process, the high price of the BDD

electrodes remains as a bottleneck in the actual implementation of large-scale

electrochemical processes. Thus, research efforts should be directed towards the

optimization of the BDD manufacturing process or towards the development of new

cheaper but equally effective electrocatalytic materials.
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Nomenclature

Ae

A

Total anode electrode area (m?)

Stage k membrane area (m?)
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CAPEX
CCeLox
Celean
CCwm
CCy
CeLox

Cenergy

Ceq

Cmaint

Cmrep

Clpx

Clu

C'rk

Ctarget

EeLox

Total capital expenses (3$)

Electrooxidation plant capital expenses ($)

Cleaning operating costs ($ y?)

Membrane equipment capital cost ($)

Pre-concentration pumping capital cost ($)

Concentration in the ELOX reactor (mg L™)

Energy costs ($y?)

Equivalent ion concentration (mol L?)

Electrode replacement costs ($ y?)

Feed stream to stage k solute concentration (mg L™)

Solute concentration in the feed tank (mg L)

Maintenance operating costs ($ y?)

Membrane replacement costs ($ y?)

Stage k permeate stream solute concentration (mg L
Y

Permeate tank solute concentration (mg L)
Retentate stream solute concentration (mg L™)

PFHXA target concentration (mg L?)

ELOX energy consumption (kWh)
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EL

EP

Epc

fa

f2

‘]aPP

KpFrHxa

ML

MMP

OF

OPEX

PeLox

Qrk

Qrk

Qrk

Electrode material life (y)

Electrode material price ($ m?)

NF energy consumption (kWh)

Material pump factor

Suction pressure factor

Current density (A m?)

PFHXA degradation kinetic constant (m min™)
Pumps labor factor

Membrane permeability (L m2h't bar?)
Molality of the species dissolved (mol kg*)
Membrane module life (y)

Membrane module price ($ m?)

Operating factor (h y?)

Operating expenses ($ y™)

Electrooxidation power supply (kW)

Feed flow rate to stage k (m® h?)

Volumetric flow rate from feed tank (m? h)
Permeate volumetric flow rate from stage k (m3.h?)

Retentate volumetric flow rate from stage k (m*® h)
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TC

TSC

teycle

teLox

tec

4P

Aw

Investment rate (%)

Rejection of solute i

Temperature of the solution (K)
Period (y)

Total annual cost ($ y™)

Total specific cost ($ m?)

Cycle time (h)

ELOX operation time (h)
Pre-concentration time (h)

ELOX cell voltage (V)

Feed tank volume (mq)

Permeate tank volume (m?)
Volume reduction factor (-)

lonic valence (-)

Solute partitioning empirical parameter (-)
Effective pressure difference (bar)
Osmotic pressure difference (bar)
Pump efficiency (%)

Osmotic pressure (bar)
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Table 1. Process model input parameters.

Initial conditions

Initial concentration of solutes in the feed tank, Ci

PFHXA 100 mg L
SO4* 338 mg L*
Na* 162 mg L
Feed and permeate tanks volume

Vi (0) 10 m®

Vot (0) om?
Operating conditions and process parameters

Operating feed pressure at each membrane stage k 10 bar
Flow rate from feed tank to cascade membrane system, Qs 3.2m3ht
Solution temperature, T 293 K
ELOX current density, Japp 50 Am?

Empirical parameters (Soriano et al., 2019b, 2019a, 2017)

Membrane hydraulic permeability

NF90 permeability, Lp, nrFoo

NF270 permeability, Lp, nF270

NF90 solute transport correlation factor

oPFHA

2-
S04

+
aNa

NF270 solute transport correlation factor
oPFHXA

2-
S04

aNa"’
ELOX cells empirical data

PFHxA degradation kinetic constant at Japp = 50 A m, Kprrixa

6.98 L m?hlbar
9.40 L m?hlbar

0.0066
0.0129

0.0152

0.0520
0.0369

0.3228

0.0021 m min?

1
1
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653 Table 2. Process economics equations used for the estimation of capital and operating costs in Eq.
654 (21).
655

Capital costs

Total capital costs

Membrane equipment capital costs including membrane housing (Abejon et al., 2012; USEPA,
2006)
n
24
ccy = [ Mmp ZAk + Ve (tpc)14.85 (25)
=1 cycle
Electrooxidation equipment capital costs (Cafizares et al., 2009)
CCrrox = 19216 (A,°7%7) + 9000 A, + 0.25 P ox (26)
Pump capital costs (Sethi and Wiesner, 2000)
n—-1 0.39
CCp = 8127 UF f, f, L| (Qpc AP)*3 + (Z 0r AP) @7)
k=1
Operating costs
Total operating costs
OPEX = Cclean + Cmaint + Cmrep + Cerep + Cenergy (28)
Cleaning costs (Arkell et al., 2013; USEPA, 2006)
OF
Celean = 50 X A, + 2.63 x 1073 Voe(tpc) —— (29)
tcycle
Maintenance costs (Arkell et al., 2013)
Cnaint = 0.02 CAPEX (30)
Membrane replacement costs (Abejon et al., 2012)
MMP
Cmrep = Wk_l Ay (31)
Electrode replacement costs
EP
Cerep = EA e (32)
Energy costs (Zarca et al., 2018)
Cenergy = EIP (EgLox + Epc) t (33)
cycle
Electrooxidation process energy consumption (Martinez-Huitle et al., 2015)
Egrox = 1073 U Jopp Ae terox (34)

Equivalent saline concentration — ELOX cell voltage empirical correlation (Soriano et al., 2019b)
U =11.649 (Coq — 5.65 x 1073)~#84x107° (35)

Pre-concentration process pumping energy consumption

n—-1
APt
Epc = T}I;C (Z Qpay + th) (36)
k=1
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657 Table 3. Economic model process parameters.

Parameter Value
Investment rate, r (Zarca et al., 2018) 10%
Period, T (Zarca et al., 2018) 15y

Pump construction material factor, fi (ductile iron) (Sethi and 1
Wiesner, 2000)

Suction pressure range factor, f» (suction pressures up to 150 psi) 1
(Sethi and Wiesner, 2000)

Labor factor, L (Sethi and Wiesner, 2000) 1.4
Membrane equipment price, MMP 500 $ m
Membrane module life, ML 8y

BDD anode electrode price, EP (Caiiizares et al., 2009; Sabatino et 9000 $ m™
al., 2017)

BDD anode electrode expected life, EL (Kraft, 2007) 6y

EU-28 electricity price for non-household consumers, second half 0.16 $ kwh'
2017, EIP (Eurostat, 2018)

Annual operation factor, OF (Zarca et al., 2018) 8000 h y?
Global pumping system efficiency, # (Vince et al., 2008) 80 %

658
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Table 4. Integration with NFO0 membrane optimization results.

PFHXA removal 2-log 3-log 4-log
ooy e IR R N R R
Membrane stage 1 area, A; (m?) 28.1 14.0 12.4 2.6 16.0 14.0 2.6 24.8 15.4
Membrane stage 2 area, Az (m?) 10.4 9.2 11.8 10.4 14.4 114
Membrane stage 3 area, Az (m?) 9.2 10.3 11.3
Anode electrode area, Ae (M?) 3.9 1.3 14 13.7 1.9 2.0 18.3 2.9 2.6
Pre-concentration time, tec (h) 4.0 12.6 14.2 0.0 11.0 12.6 0.0 9.0 115
Electrolysis time, teLox (h) 36.0 27.4 25.8 40.00 29.0 27.4 40.0 31.0 28.5
Total annual cost, TC ($y?) 2.6E+04 1.3E+04 1.4E+04 7.8E+04 1.7E+04 1.8E+04 1.0E+05 2.3E+04 2.2E+04
Total specific cost, TSC ($ m™3) 12.9 6.4 7.2 39.0 8.3 9.1 51.0 11.7 10.9
Savings (%) 51.3 75.8 72.7 - 78.5 76.3 - 76.9 78.4
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Table 5. Integration with NF270 membrane optimization results.

PFHXA removal 2-log 3-log 4-log

Number of stages in the 1 5 3 1 9 3 1 9 3
membrane cascade

Membrane stage 1 area, A1 (m?) 2.6 11.7 10.0 2.6 37.0 115 2.6 2.7 10.2
Membrane stage 2 area, Az (m?) 9.4 8.0 10.2 9.2 2.6 36.9
Membrane stage 3 area, Az (m?) 7.6 8.7 7.5
Anode electrode area, Ae (mz) 9.1 15 14 13.7 11.4 2.0 18.3 18.3 3.2
Pre-concentration time, tec (h) 0.0 10.4 12.9 0.0 4.1 11.2 0.0 0.0 13.0
Electrolysis time, teLox (h) 40.0 29.6 27.1 40.0 35.9 28.8 40.0 40.0 27.1
Total annual cost, TC ($y?) 54E+04 1.3E+04 1.3E+04 7.8E+04 7.0E+04 1.8E+04 1.0E+05 1.0E+05 2.7E+04
Total specific cost, TSC ($ m™) 26.9 6.6 6.7 39.0 35.2 8.8 51.0 51.4 13.7
Savings (%) - 75.0 74.7 - 8.9 77.2 - - 72.9
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Fig. 1. Global scheme of the multistage countercurrent cascade membrane pre-concentration (PC)

coupled to electrooxidation (ELOX) system. a) Gantt-based chart for batch scheduling, b) detailed

process flowsheet.
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671 Fig. 2. Comparison of the CAPEX (CC) and OPEX (C) costs distribution for the 1, 2 and 3 NF90
672 membrane stages coupled to ELOX and the application of ELOX without pre-concentration for
673 different PFHXA abatement targets: 2-log, 3-log and 4-log.

43



674

675

676

30

25 +

a) 2-log removal H]m]ﬂm] Cenergy
NN c
BEc

erep

mrep

L
B

T T
Only ELOX  NF270 1 stage NF270 2 stages NF270 3 stages

b) 3-log removal (I c

- Cerep
- c:mrep
=
- Crnaint
=
‘:’ CCELOX
A I cC .,

60

T T
Only ELOX  NF270 1 stage NF270 2 stages NF270 3 stages

55 -
50 -
45 4
40 -
©
= 35
£ 30
825-
'—
20
15 4
10 4
5_

c) 4-log removal

‘]m]]ﬂm] Cenergy
NNc..,

HI

T T T
Only ELOX  NF270 1 stage NF270 2 stages NF270 3 stages

Fig. 3. Comparison of the CAPEX (CC) and OPEX (C) costs distribution for the 1, 2 and 3 NF270

membrane stages coupled to ELOX, and application of ELOX without pre-concentration for different

PFHXxA abatement targets: 2-log, 3-log and 4-log.
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677 Fig. 4. Optimal total energy consumption of the hybrid process using the NF90 and NF270 membranes

678 for the different PFHXA abatement targets.
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679 Fig. 5. Influence of the membrane properties on the total cost objective function for a 3-log PFHXA
680 abatement. (a) 2 membrane stages and (b) 3 membrane stages.
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681

682 Fig. 6. Influence of the PFHxA degradation constant (kerrxa) 0N the total cost objective function for a
683 3-log PFHxA abatement and different number of membrane stages. Integration with the NF90
684 membrane.
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