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ABBREVIATIONS

DO — Dissolved oxygen

GTE — Gas transfer efficiency

GTR — Gas transfer rate

J — Contaminant removal flux

HFM — Hollow-fiber membrane

MABR — Membrane-aerated biofilm reactor

MB{R — Membrane-biofilm reactor
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ABSTRACT

The membrane-aerated biofilm reactor (MABR) is a novel treatment technology that
employs gas-supplying membranes to deliver oxygen directly to a biofilm growing on
the membrane surface. When operated with closed-end membranes, the MABR
provides 100-percent oxygen transfer efficiencies (OTE), resulting in significant energy
savings. However, closed-end MABRs are more sensitive to back-diffusion of inert
gases, such as nitrogen. Back-diffusion reduces the average oxygen transfer rates
(OTR), consequently decreasing the average contaminant removal fluxes (J). We
hypothesized that venting the membrane lumen periodically would increase the OTR
and J. Using an experimental flow cell and mathematical modeling, we showed that
back-diffusion gas profiles developed over relatively long timescales. Thus, very short
ventings could re-establish uniform gas profiles for relatively long time periods. Using
modeling, we systematically explored the effect of the venting interval (time between
ventings). At moderate venting intervals, opening the membrane for 20 seconds every
30 minutes, the venting significantly increased the average OTR and J without
substantially impacting the OTEs. When the interval was short enough, in this case
shorter than 20 minutes, the OTR was actually higher than for continuous open-end
operation. Our results show that periodic venting is a promising strategy to combine the

advantages of open-end and closed end operation, maximizing both the OTR and OTE.

KEYWORDS

Hollow-fiber membranes; MBfR; MABR; gas back-diffusion; gas transfer efficiency;

gas transfer rate
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1. INTRODUCTION

Gas-transferring, hollow-fiber membranes (HFM) are commonly used to supply gases
for environmental, industrial and medical applications. For example, bundles of HFMs
have been used for oxygenation of rivers and water streams, for blood oxygenation, and
for bioremediation of groundwater contaminants (Weiss et al., 1998; Roggy et al., 2002;
Federspiel and Henchir, 2004). However, an emerging application is the membrane-
biofilm reactor (MBfR), where HFMs supply gaseous substrates to a biofilm growing
directly on the membrane’s outer surface (Martin and Nerenberg, 2012; Nerenberg,
2016). When used to deliver air or oxygen, the process is often referred to as the
membrane-aerated biofilm reactor (MABR). MABRs can simultaneously remove
biological oxygen demand (BOD), nitrify, and denitrify (Timberlake et al., 1988; Hibiya
et al., 2003; Terada et al., 2003; Jacome et al., 2006; Matsumoto et al., 2007; Syron and
Casey, 2008). Several commercial applications are in development, but very few full-

scale applications exist.

MABRs can be operated with closed or open-ended HFMs. With closed-ended HFMs,
all the oxygen supplied to the membranes is delivered to the biofilm, allowing 100%
oxygen transfer efficiencies (OTEs) (Brindle et al., 1998; Pankhania et al., 1999; Hibiya
et al., 2003; Terada et al., 2003; Syron and Casey, 2008; Martin and Nerenberg, 2012).
This can save up to 85% in energy costs, compared to conventional activated sludge
process (Aybar et al., 2014). However, closed-ended HFMs typically suffer from gas
back-diffusion, where N, and other dissolved gases diffuse into the membrane lumen
(Schaffer et al., 1960; Ahmed and Semmens, 1992a). With back-diffusion, the distal

end of the membrane may be “deadened,” leading to lower average oxygen transfer
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rates (OTR) compared to open-end operation (Figure 1a). In this paper, we consider

OTR to be synonymous with the oxygen flux, Jo,, across the membrane.

With open-ended HFMs, the intra-membrane gas velocity is high throughout the
membrane. With high velocities, advective mass transport in the lumen is much greater
than the diffusive transfer across the membrane wall. This results in more uniform
oxygen concentrations in the lumen, leading to high average OTRs (Figure 1b).
However, a large amount of gas is lost from open end. Also, the high gas velocity leads
to greater frictional pressure losses occurrence along the membrane, resulting in greater
energy requirements and lower gas pressures at the distal end of the membrane. For the

MABR, lower overall OTR translates into lower average substrate removal fluxes (J).
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Figure 1. Schematic showing differences between hollow-fiber membranes at steady-state in: (a) closed-
end operation, and (b) open-end operation. In this example, the membrane is pressurized with pure O,
transferring to liquid containing dissolved N,. Figures show typical oxygen and nitrogen partial pressures
(Po2 and pyp) and gas velocities (Ug) along the membrane length. The open end membrane has higher po,
across the entire membrane, leading to higher gas transfer rates, but has low gas transfer efficiencies, as

most of the gas is vented through the end.

Many researchers have explored ways to improve the OTR of HFMs (Weissman and
Mockros, 1969; Tanishita et al., 1978; Cote et al., 1989; Ahmed and Semmens, 1992b;

Matsuda et al., 1999; Ahmed et al., 2004). However, few studies have tried to
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concurrently improve the OTR and OTE. A novel approach may be periodically
opening the membranes to vent back-diffusion gases. This will allow the back-diffusion
gases to be vented to the atmosphere during the open phase, re-establishing the uniform

almost constant gas pressure profile along the fiber length.

Previous research experimentally explored increasing the gas flow rates, or intermittent
degassing processes (Li et al., 2010; Castagna et al., 2015). Fang et al., (2004) measured
and modeled the gas composition inside a membrane, and gave modeled predictions of
gas concentration profiles as a function of time applying when supplied with a pulsing
strategy. However, they did not systematically explore the impacts of the pulsing
frequency on the OTE and OTR, and their model was only applicable under conditions

of liquid creeping flow.

The objective of this study was to use experiments and modeling to systematically
explore periodic venting of hollow-fiber membranes as a means to maximize the OTE

and OTR of MABRs.

2. MATERIALS AND METHODS

Our strategy was to (1) experimentally study OTRs and OTEs for “clean” HFMs (i.e.,
without biofilm), for open end, closed end, and for periodic venting, (2) use
mathematical modeling to expand the experimental findings and predict the effects of
periodic venting for a clean HFM, and (3) experimentally assess the periodic venting
strategy for an MABR (i.e., a HFM with biofilm). OTR was calculated as the oxygen
flux difference between the inlet and the outlet which corresponds to the flux of oxygen

transferred across the membrane surface. OTE was calculated as the flux difference
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divided by the inlet flux. OTE represents the percentage of the transferred oxygen flux

with respect to the supplied oxygen. Fluxes were estimated according to equation (1).

2.1 Experimental flow cells configuration

An experimental flow cell with a single HFM was used to explore OTRs and gas back
diffusion in clean HFMs, i.e., without biofilm. The flow cell consisted of square-section
glass tube with 6-mm inside dimension, and 40-cm length. The flow cell had seven
ports for dissolved oxygen (DO) measurements (Figure 2), separated 3.8 cm along the
flow cell. Water was deoxygenated by nitrogen sparging and pumped through the flow

cell using a peristaltic pump (Cole Palmer, Vernon Hills, IL, USA).

Tests were first carried out to determine the HFM’s mass transfer coefficient. To test
the mathematical model, experiments were then performed with a range of water
velocities, oxygen supply pressures, feed gases (air and pure oxygen), water flow
directions (co-current or counter current with respect to the inlet gas supply), and

transient shifts between open and closed ends.

The flow cell used a composite, microporous polyethylene membrane with a dense 1
pum polyurethane core (HFM200TL, Mitsubishi Rayon, Japan). The outer diameter was
280-um and the wall thickness was 40-um. A single membrane was located in the
middle of the flow cell, supported at both ends by a gas-supplying manifold. The gas
was supplied from one end at constant pressure, while a valve at the opposite end
allowed open or closed operation of the membrane. Pure oxygen or air was supplied at
0.07 or 0.18 atm relative pressure. The influent flow rate ranged from 2 to 10 mL/min,
resulting in a liquid velocity of 1 to 5 mm/s and a Reynolds number of 5 to 28, well

within the laminar flow regime.
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Figure 2. (a) Schematic of flow cell. Oxygen-free water from a reservoir was pumped into the square-
section glass tube with a hollow-fiber membrane supplied with O, or air in the middle. (b) Detail of a

flow-cell port used for DO measurement with a microsensor controlled by a micromanipulator.

Two separate reactors were used for the MABR tests, with the same configuration as
described above. Reactor MABR-1 was operated with an open-ended membrane, while
MABR-2 was initially operated with a closed end, but later was operated with periodic
opening to vent lumen gases. De-oxygenated synthetic media (described below) was
pumped through the flow cell. Each MABR had a recirculation pump and was
connected to a purging reservoir, where the bulk liquid was sparged with N to strip any
residual DO from the reactor. Bulk liquid N, bubbles were vented in the reservoir
before recycle line back to the flow-cell. This avoided any DO accumulation in the bulk
liquid, which was a concern in the initial stages, prior to biofilm development. A
magnetic stir bar kept the reservoir well-mixed with a high shear velocity, minimizing
the attachment of biomass to the glass surface. An influent flow rate of 1 mL/min and a
recirculation of 60 mL/min were provided to each MABR. Pure oxygen was supplied to

the lumen of each at 0.05 atm relative pressure.
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2.2 Synthetic medium for the MABRs

The synthetic wastewater for MABR-1 and MABR-2, was prepared from distilled water
amended with 2.773 g Na,HPOy, 0.169 g KH,PO4, 0.410 g MgS0,4.7H,0 and 0.202
g(NH4),SO4 per liter, as well as a trace mineral and calcium iron solutions. Ca—Fe
solution contained, per liter: 1 g CaCl,-2H,0 and 1 gFeSO4-7H,0. The trace mineral
solution contained, per liter: 100 mg ZnSOs -7H,0, 30 mg MnCl,-H,0O, 300 mg
H;BOs, 200 mg CoCl, -6H,O, 10mg CuCl, -2H,O, 10 mg NiCl,-6H,0, 30 mg
Na;Mo004-2H,0, and 30 mg Na,SeOs;. Potassium acetate was added as a COD source to
achieve 30 mgCODY/L. The synthetic wastewater was maintained anoxic by sparging the
medium with nitrogen gas and maintaining a positive pressure of nitrogen gas on the
storage container. The pH was maintained at approximately 7, while the water

temperature was 22 °C.

2.3 Analytical methods

Chemical oxygen demand (COD) was monitored in the influent and effluent of the
MABR reactors using colorimetric methods (Hach, Loveland, CO, USA). A glass

electrode pH meter was used to monitor pH.

For determining the biofilm thickness, we used a stereo-zoom light microscope (Cole-
Palmer, Chicago, IL) equipped with a mounted digital camera (Cybershot DSC-F707,
Sony) and a fiber-optic light source. The camera was fixed to the microscope with a 1x
mounting adapter. Biofilm thicknesses were measured using a microsensor by attaching
it to a motorized micromanipulator with a vertical resolution of 0.010 mm. The
microsensor tip was first positioned at membrane surface. Then, the tip was raised with
the computer-controlled motor until the tip reached the outer edge of the biofilm, which

was checked visually by microscopy. The distance was measured and recorded by
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SensorTrace Suit software (Unisense). Biofilm image acquisition was also performed in
all seven flow-cell ports after four weeks of operation. Image processing for each

measurement was followed by statistical evaluation of the results.

2.2 DO measurements

Clark-type oxygen microsensors (Unisense A/S, Denmark) with a 10 um tip diameter
were used to measure DO concentrations. The microelectrode movement was controlled
with a micro-manipulator (Model MM33-2, Unisense A/S). The use of microsensors is
an invasive method that can slightly affect the results. However, considering that the tip
was only 10 pm diameter and was immersed in a much thicker boundary layer, the
microsensors would be expected to have a minimal impact on the DO concentration.
Hydrodynamic measurements made by Hondzo et al., (2005), using a similar DO
microsensor diameters and Reynolds number as used in this study, concluded that the
disturbance of the flow by microsenors stem was minimal.

Longitudinal profiles of DO at the HFM surface were collected from the seven ports
once the system reached steady state, typically after two hours. For each port,
transversal DO profiles were collected starting from the HFM surface, across the liquid
diffusion layer (LDL), and into the bulk. The transversal DO measurements were
collected at 20-um intervals, typically reached a distance of around 1000 um from the
membrane surface. Profiles were collected at least in triplicate. For transient conditions,
DO was measured continuously at the membrane surface, for one of the intermediate
ports, during the shift from open-end to closed-end operation. Longitudinal steady-state

DO profiles were also taken in both MABRs after four weeks of operation.

2.3 Calculation of membrane mass transfer coefficient, K,

10
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The membrane mass transfer coefficient, Ky, was calculated from oxygen transfer tests
in clean membranes. We used measured transversal DO profiles in the diffusion-
dominated liquid boundary layer, using the flux continuity condition. The oxygen flux
across the HFM, Joo m, 1s equal to the diffusion flux through the mass transfer boundary

layer at the membrane surface, Joy, as follows:

dCOZ,I
dr

r=R,

‘]OZ,m = Km (Coz,m(g) _Coz,m(l)) = DOZ,I = ‘]OZ,I (D

where Doy, is the diffusion coefficient in the liquid phase (water), Cop, is the measured
oxygen concentration in water, Coym is the oxygen concentration in the microporous
membrane on (g) gas side and (1) liquid side, and Ry the outer radius of the membrane.
Given the small membrane thickness relative to the HFM radius, the membrane was
approximated as a planar surface. From eq. (1) the oxygen mass transfer coefficient in

the membrane is calculated as:

_ Doy (dCoy, /dr) ,
T e @

o2m(l)

o2m(g)

The oxygen diffusivity in water Doy was obtained from the literature (Haynes et al.,
2015). The oxygen concentration in the gas side of the microporous membrane, Coz m(g),
is linked, by the ideal gas law, to the applied pressure and gas composition Yo, (either
O, or air, at the working temperature). When determining the Ky, the HFM was
operated in open end mode to minimize concentration changes. Also, microsensor
measurements were carried out at the first port of the flow cell (from the left side),

where the gas concentration was essentially equal to the supply concentration,

Cozmg = P Yozin/ (RT) . The oxygen gas concentration in the membrane, where it

contacts the liquid, is related to the DO concentration in the liquid by the partition

11
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equilibrium (Henry’s law), such that C,, :(Coz,l )r:Rm / Ho, . Finally, microsensor

measurements of concentration profiles of DO in water were used to determine the

concentration gradient at the membrane surface,(dCoz,, / dl‘) and the concentration

r=Rm

(Coz,l )r_R . As mentioned above, profiles were collected at least in triplicate, and the

reported Ky, is the average of the replicates.

2.4 Numerical model for gas back-diffusion

A mathematical model for gas back-diffusion was developed, addressing both steady-
state and transient conditions. The model included O, supply from the HFM lumen, and
assumed that the bulk liquid was in equilibrium with 1 atm of N,. The model was
implemented with the finite-element simulation platform COMSOL Multiphysics

(COMSOL 4.4, Comsol Inc., Burlington, MA, www.comsol.com).

The numerical model included fluid flow and mass transport of O, and N, both in the
liquid surrounding the HFM and in the lumen gas (Figure 3). For the flow and mass
transport in the liquid phase, a two-dimensional (2-D) axisymmetric geometry was set
along the axis of the membrane lumen (direction x) with radial gradients along direction
r. The 2-D model implies an annular cross-section for the flow, with size Ly= 3.4 mm
(the radius of a circle with the same area as the square cross-section). This model was
coupled with a one-dimensional (1-D) domain for gas flow and mass transport in the

membrane lumen (assuming no radial gradients in the lumen).

12
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(a) Longitudinal section Flow cell wall Transversal section
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Figure 3. (a) Schematic representation (not at scale) of the experimental co-current aeration system with
a single HFM inside a square-section flow cell filled with liquid. Water flows between the HFM and the
flow cell wall, and the membrane is supplied with oxygen. (b) Model representation including a 2-D

axisymmetric liquid domain connected via the membrane wall with a 1-D gas domain.

2.4.1 Flow and mass transport in the liquid

The liquid velocity distribution in the flow cell was determined by solution of the two-

dimensional Navier-Stokes equations (3) and (4) in the 2-D axisymmetric domain:
p(U V) =V =pl+ (Vo +(vu ) )| . Vu =0 3).(4)

where U, is the water flow velocity, p is the pressure, p is the water density, p is the
liquid dynamic viscosity, and | is the identity matrix. The water velocity was assumed to

be zero at the membrane surface and at the flow cell wall (non-slip condition, u=0).

13
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Laminar flow conditions were imposed, with average velocity Ui, in the inlet and zero

relative pressure in the outlet.

The mass transport of oxygen and nitrogen in the liquid flow results from convection-
diffusion equations (5) and (6) solved for the dissolved O, and N, concentrations, Coy,

and CN2,| .
UIVCOZ,I = Doz,|V2Coz,| > UIVCNz,I = DN2,IVZCN2,I (5),(6)

where Doy and Dyg, are the diffusion coefficients in the liquid. Constant dissolved O,
and N, concentrations were imposed at the inlet boundary, Coz,in and Cya,in. N2 was
present in the feed water at 18 mg/L, which corresponds to equilibrium with 1 atm of
N,. Convection-only outlet boundary was assigned (0Co,, /0x=0Cy,,/0x=0), while

no-flux conditions were imposed at the flow cell wall (0C,,, /0y =0C,,/dy=0). On

the membrane wall, flux continuity conditions were set:
Jor =K, (Coz,g Ho, _COZ,I ) > I, =K, (CNz,g Hy. _CN2,I )

where Hp, and Hy; are the gas-liquid partition (Henry’s) coefficients at 20 °C. We
assumed that the membrane, which was microporous, had the same selectivity for O,

and N; (Ahmed and Semmens, 1992a), which translates to the same Kp,.

2.4.2 Flow and mass transport in the gas

The mass balances for the gases in the membrane lumen were adapted from Ahmed and
Semmens (1992a), who modeled steady-state O, and N, profiles in a closed-end HFM.
Unlike the past model, our model includes transient behavior, and used computational

fluid dynamics to determine dissolved gas concentrations in the fluid along the

14
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membrane length. Frictional gas pressure losses in the lumen were included, and the
model allowed for transient conditions to be simulated, for example when switching
from open-end to closed-end operation. Finally, the membrane mass transfer resistance
(Km) was considered explicitly. Note that only longitudinal gradients in gas

concentrations (direction X) were considered in our model.

In both closed-end and open-end operation, the one-dimensional transient mass balances
for O; (eq.(7)) and N, gas (eq.(8)) in the membrane lumen included transport by
convection and diffusion, and transfer across the wall into or from the liquid phase.

These equations allowed the concentrations Coz g(t, X) and Cn2 (1, X) to be calculated.

acC o oC 2

aotz,g B OX [Dg a(;’g —UyCosg ] "R, Kn (Coz,g Ho, —Cop, ) ™
oC o oC 2

8Ntz,g B _GX(DQ % ~UsCrig j R Kn (CNz,g Hy, =Chay ) ®

In eq. (7) and (8), ug is the gas velocity in the fiber, while Cop  and Cyp; are the
corresponding dissolved O, and N, concentrations, respectively, at position X. The same
mass transfer coefficient through the membrane, Ky, and the same diffusion coefficient

in the gas phase, Dy, was assumed for both gases.

The gas velocity in the lumen was calculated differently for close-end or open-end
operation. In the closed-end operation, frictional losses were neglected due to the very
low gas velocity in the lumen. For this case, the sum of gas concentrations at any point X
is equal to that of the inlet: Cozg + Cnzg = Co2,in T Cn2,in = constant. In these conditions,
the sum of eq. (7) and (8) is equal to zero. Adding eq. (7) and (8), and rearranging,

results in:

15
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du 2K, (Coz,gHoz_Coz,l +CN2,gHN2_CN2,I)

9 _ _
dX B Rm (CO2,in + CN 2,in) (9)

which allows for calculation of the local gas velocity along the fiber, Ug(X), resulting
from the diffusion of gasses into or out of the membrane. At the sealed end, the gas

velocity must be zero (Ug=0 at X=Ln). The inlet concentrations were calculated from the

universal gas law, for example, Cq, ;i = P Yoz / (RT) with Yoz in the oxygen fraction in

the inlet gas (i.e., 1 for pure oxygen or 0.21 for air). In model simulations for the

parametric study, only pure oxygen was used, i.e., Cnp,g,in=0.

For the open-end HFM, the constant gas velocity Ug was calculated from the Hagen-
Poiseuille relationship, which is valid for slightly compressible fluids (Federspiel et al.,

1996):

2

Ug :S,ngi_m(pin_ pout)

where g is the gas dynamic viscosity and Rp; is the internal fiber radius. The inlet
pressure pi, was defined according to the measured value, while the outlet pressure Pouyt

was set as atmospheric pressure.
The boundary conditions for equations (7) and (8) imply constant concentrations in the
inlet C,, ,;, and Cy, . ;, at x=0. At x=Ly, zero diffusion was assumed for the open-end

case, while for the closed-end zero total flux was imposed, which in both cases leads to:

Cos, oC,,
792 (g x=L )=0 TIN2G (4 x =L )=0
ox (tx=L,)=0, ox (tx=Ly)

Initial gas concentrations for the entire membrane were equal to the inlet concentrations.

Predicted DO concentrations at the surface of the fiber (Coy,) were directly compared

with experimental measurements for both steady and transient states. Several model
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parameters were taken from the experimental conditions, such as membrane thickness,
average water velocity, membrane length and radius, dissolved nitrogen, dissolved
oxygen in the influent water, and oxygen gas pressures in the membrane inlet and
outlet. For the model application, parametric studies were used, where simulations were
carried out for a range of values of a single parameter. These and other parameters

obtained from literature are summarized in Table 1.

Table 1. Model parameters

Parameter Symbol Value Units Reference

Physical parameters

(Haynes et al.,

. 3
Water density p 1000 kg/m 2015)
Water dynamic viscosity u 0.001 Pa-s (Haynes ctal,
2015)
. . s (Haynes et al.,
Gas dynamic viscosity g 1.8-10 Pa-s 2015)
O, diffusion coefficient in s 2 (Haynes et al.,
water Doy 210 m’/s 2015)
N, diffusion coefficient in e 2 (Haynes et al.,
water DN2,I 1.7-10 m/s 2015)
0O, and N, diffusivity in D, 1.76:10° m/s (Haynes et al.,
gas 2015)
Henry coefficient for O, Ho2 0.0338 mol(aq.)/mol(g) (Hayzr;)els 53,[ al,
. (Haynes et al.,
Henry coefficient for N, Hno 0.0156 mol(aqg.)/mol(g) 2015)
Ideal gas constant R 8.206-107 m’-atm/(mol-K) -
Membrane parameters
Mass transfer coefficient K 5.4:10° m/s F1tt<?d to
experiments
0.32 m Experimental
Length L 2.5 m Parametric study
Outer radius Rm 140 pm Mitsubishi Rayon
Inner radius Rm.i 130 pm Mitsubishi Rayon
Operation conditions
Oxygen inlet liquid _ 3 .
“oncentration Coaz.liin 0 mol/m Experimental
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354

Nitrogen 1nlet. liquid Cnz.lin 0.64 mol/m® Experimental
concentration v
Oxygen inlet gas _ 3 .
concentration Co2,g,in 69.7 mol/m Experimental
Nitrogen inlet gaseous ‘ 3 .
concentration Ch2,g,in 0 mol/m Experimental
Inlet eas pressur _ 1.07 and 1.18 atm Experimental
ct £as pressufe Pin 1.68 atm Parametric study
Outlet gas pressure .
(for open-end) Pout 1 atm Experimental
Average liquid velocity Uin 1 and 5 mm/s Experimental
Venting interval te 1.2, 53 (} 0 and min Parametric study
Venting open-end duration t 20 S Parametric study
Temperature T 293.15 K Experimental

3. RESULTS AND DISCUSSION
3.1 Determination of membrane mass transfer coefficient

A typical plot of measured DO profiles, perpendicular to the membrane surface, is
shown in Figure 4. From the slope of the measured DO concentration profile, the flux of
oxygen was calculated with eq. (1). Subsequently, the mass transfer coefficient Ky, was
calculated from eq. (2). An average K, value of 5.4x10” m/s was obtained. This value
is consistent with previously determined oxygen mass transfer coefficients for the same
membrane (Ahmed et al., 2004) who found Ky =5x10" m/s. In this study, the mass

transfer coefficients for N, and O, were assumed to be equal.
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Figure 4. A representative profile of measured dissolved oxygen concentration through the mass transfer
boundary layer in the liquid adjacent to the membrane. From this profile, the concentration and the
normal gradient of concentration at the membrane surface (d=0 from membrane, which means r=R,, in

the numerical model) were extracted to calculate Ky,

3.2 Model evaluation

The back-diffusion model results were in good agreement with the measured values of
DO along the membrane length, both for open- and closed-end operation, in steady state

and transient conditions (Figure 5).

For closed ends using either air or pure O, supplied in co-current with the liquid flow
(Uin=5 mm/s), the N, back-diffusion significantly reduced the DO concentrations along
the membrane length. The DO concentrations decreased from 35 mg/L to 5 mg/L. when
pure O, was supplied, and from 6 mg/L to 0.5 mg/L in case of air (Figure 5a).
Accordingly, the steady state partial pressure of O, in the membrane lumen significantly
decreased as O, was replaced by N, (Figure 5b). However, for the open-end operation,
O, concentrations remained almost constant and at high values until the distal end of the

membrane (Figure 5a). The open-end operation mode typically resulted in negligible
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back-diffusion effects. The partial pressure of O, in the gas decreased only slightly

along the membrane because of the frictional pressure loss (Figure 5b).

The counter-current configuration showed lower DO concentrations towards the end of
the membrane than the co-current configuration, in stationary conditions at an average
water velocity of Ui, = 1 mm/s (Figure 5c). When water flows in the opposite direction
of the supplied gas, i.e., in counter-current operation, O, transferred to the bulk liquid
from the membrane does not accumulate downstream of the flow cell, thus decreasing
DO concentrations in the liquid towards the closed end of the membrane. Therefore, the
rest of the simulations considered only co-current operation. The partial pressure of O,
in the counter-current operation decreases more than in the co-current because of the
larger driving force for the trans-membrane transfer at the distal end, which is created

by the oxygen-free influent water.

The model also accurately predicted the transient behavior of the DO concentration after
suddenly closing the distal end of the membrane. The DO profile began with the steady
state value in open-end operation, and progressively decreased towards the steady state
value for the closed-end period. The experimental values and model predictions for the
Port 4 are shown in Figure 5e. The time required to reach a steady O, profile in the

lumen during the back-diffusion process was around 30 minutes.
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Figure 5. Experimental and model-simulated dissolved oxygen (DO) profiles at the membrane surface for
the experimental HFM flow cell. Liquid and gas flows are co-current, unless indicated otherwise. (a) DO
profiles for open and closed end operation modes using an inlet relative gas pressure of 0.18 atm and
Uir=5 mm/s. DO profiles for air and oxygen as supply gases are shown for the closed end cases; (b)
Simulations of partial pressures for O, and N, in the open-end and closed-end with pure O, supply; (c)
DO profiles along the membrane length for closed-end mode in co- and counter-current flow
configurations using pure oxygen at 0.07 atm and u;;=1 mm/s; (d) Simulations of partial pressures for O,
and N, in the closed-end co- and counter-current operation with pure O, supply; (¢) DO concentrations
over time when transitioning from an open-end to a closed-end operation using pure O, at an inlet
pressure of 0.18 atm. The microsensor measurement was performed at the membrane surface, for Port 4 at
16.1 cm from the inlet. Error bars in plots (a) and (c) are the standard deviation of triplicate

measurements.
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3.3 Model-based assessment of periodic venting

Closed-end HFMs initially have high gas transfer rates, as the membranes are filled
with pure O,. However, the rates quickly decrease as gas back-diffusion profiles
develop. We used numerical modeling to study the effects of periodically venting
closed-end membranes, temporarily returning the membranes to the initial condition by
venting the back-diffusion gases. The transitory gas dynamics of periodic venting were
studied, and the impacts of different membrane opening intervals on OTRs and OTEs

were explored.

Time-averaged O, partial pressures during three venting cycles were calculated from
simulations with Ry=140 pm, Km=5><10'5 m/s, a longer membrane (Lp=2.5 m) than in
the experimental setup (closer to what might be used in a full-scale MABR) and an inlet
gas pressure of pj=1.68 atm. Each cycle included a 30-minute closed period followed
by a 20-second open (venting) period. This corresponds to a 30-minute ‘“venting
interval”. Figure 6 shows how, during the first cycle from t=0 to t=30 min (closed
phase), a drop in the membrane-averaged O, partial pressure developed due to back-
diffusion. Before the steady-state back-diffusion condition was fully obtained, the
membrane was opened for 20 seconds, allowing the O, partial pressures along the
membrane to recover their maximum value, which was slightly lower (1.54 atm) than
the inlet gas pressure due to the pressure drop resulting from high gas velocities in
open-end periods. The Hagen-Poiseuille relationship for slightly compressible fluids
effectively predicted the observed flows for a broad range of pressures, ranging from

0.07 to 0.68 atm (data not shown).

This periodic venting provides high OTEs during most of the cycle duration, while

maintaining higher time-averaged O, partial pressures than closed-end membranes.

22



429

430

431

432

433

434

435

436

437

438

439

440

441

442

443

444

445

These results indicate that a 20-second open phase every 30 minutes was sufficient to
allow oxygen pressure to recover its maximum value (1.54 atm) before the next closed
phase. On the other hand, the membrane-averaged oxygen partial pressure dropped from
1.54 to 0.86 atm during the closed-end phase. On average, the membrane had a higher
O, pressure than in the steady-state, closed-end operation. Therefore, it provided a

greater OTR than the purely closed-end mode.

To evaluate how the duration of the closed-end/open-end cycles influenced the OTRs
and OTEs, we simulated different venting intervals (i.e., time between openings)
ranging from 1 to 30 minutes, with a constant venting (open end) duration of 20 seconds
(Figure 7). The predicted average OTRs were 2 to 4 times higher than with permanently
closed end. Furthermore, the OTE values (75-99%) were comparable to the closed end

(100%), and dramatically higher than the open end mode (0.5%).

1.8 -
_ Venting transient Avg. open-end
E — e —
=}
L
o .
5 Avg.venting
3 ............................................
(]
S
S
S
g Avg. closed-end
D.i 30 minclosed .|, 30 min closed 30 min closed \|
o 0.6 A T () -l

20 s open 20 s open
0.4 T T T T 1
0 20 40 60 80 100
Time [min]

Figure 6. Simulated O, partial pressures in the lumen, averaged along the entire membrane length for
different operation regimes: (i) transient (solid line) and time-averaged (dotted line) during three venting
cycles, (ii) steady state closed end (short-dashed gray line), and (iii) steady state open end (long-dashed

gray line).
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Figure 7. Comparison of simulated (a) oxygen transfer rates (OTR) and (b) oxyge transfer efficiencies
(OTE) for open operation, closed operation, and intermittent opening. Venting mode was tested for

venting intervals (time between ventings) ranging from 1 to 30 min, with 20 seconds open phases.

Interestingly, when the venting interval decreased below approximately 20 min, the
OTR values were higher than for purely open-end operation, without significantly
affecting the OTEs. This can be explained by the simulated O, pressure profiles along
an HFM for open-end steady-state conditions, closed-end steady state conditions, and
for the transition from open-end to closed-ended conditions (Fig 8). Profiles for the
transition phase are presented at different times. For open-end operation, the O, pressure

decrease is mainly due to frictional losses, whereas in closed-end operation the O,
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pressure drop is caused by back-diffusion. Furthermore, for the closed-end case, the O,
concentration decreases from a constant initial value (equal to the inlet pressure of 1.68
atm), along the whole membrane until the steady state profile is reached. The shape of
the transient profiles shows that, initially, N, back-diffusion only affects the initial
portion of the HFM. This is where pure O, is supplied, and also where O,-free water
enters the system, providing the maximum O, and N, concentration gradients. Then the
N,/O, gas mixture is transferred by advective flow towards the distal end of the

membrane.

The time-dependent reduction in the O, pressure profiles occurs during the closed phase
of a venting cycle. If the venting interval is smaller, the time- and length-averaged O,
pressure concentrations increase, leading to higher OTRs. However, below a certain
venting interval, the OTRs actually exceed those of the open-end configuration. This is
caused by the pressure drop resulting from high gas velocities in open-end
configuration. However, the pressure losses are negligible once the membrane is closed,
thus allowing a higher total average pressure inside the membrane (see pressure profiles

at times 1y, t;, and t; in Figure 8).

The model results clearly indicate that periodic venting of closed-end operation can
improve the gas transfer rates beyond those obtainable with conventional open-end

operation, while maintaining high mass transfer efficiencies.
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Figure 8. Oxygen partial pressure profiles along the membrane length for open-end (thick black line) and
closed-end (thick gray line) steady state conditions, and time-averaged for transient conditions from open-
to closed-end (thin black lines). The transient pressures are averages in time between the initial time and
=2 min, ;=5 min, t3=10 min, ;=20 min, and t=30 min. Steady state conditions were essentially

achieved after 60 minutes.

A simple calculation was made to compare different gas supply modes and show how
the venting strategy could impact the MABR design, such as membrane area and
required oxygen supply. Table 2 shows the OTRs, OTEs, required membrane areas, and
O, supply needs using simulation results for the conditions in Figure 7. The membrane
area was calculated for an arbitrary O, requirement. Oxygen supply requirements were
determined by multiplying the OTE by the O, need. Finally, membrane areas and O,
supply requirements for open-end and venting modes were normalized to the values for
closed-end operation (first row in Table 2). Calculations indicate that the open-end
operation requires only half of the membrane area of the closed-end operation.
However, around 200 times more O, is required. With the intermittent venting of 20
seconds every 30 minutes, the required membrane area is the same as the open end, i.e.,
half of the area required for the closed-end operation. But O, requirement is essentially

the same as the closed-end operation.
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Table 2. Required membrane areas and oxygen fluxes for closed-end, open-end, and venting modes.

Areas and fluxes are normalized by the closed-end value.

Case OTR OTE Normalized required Normalized O,
(mg m3s™?) (%) membrane area supply requirement

Closed end 0.19 100 1.0 1.0

Open end 0.42 0.47 0.5 213

Venting

(t=1 min, 0.79 75.3 0.2 1.3

;=20 s)

Venting
(t=30 min, 0.38 98.9 0.5 1.0

t,=20 s)

3.4 Experimental assessment of gas supply strategies on HFMs with biofilm

The periodic venting strategy was tested in a bench-scale MABR treating COD. Figure
9 shows the biofilm thicknesses and measured DO concentration profiles along the
membrane surface in two MABRs that were run in parallel. MABR-1 was operated in
open-end mode, and MABR-2 was operated in closed-end mode. Biofilm thickness

images and measurements of DO profiles were taken after four weeks of operation.
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Figure 9. Biofilm thickness development along the membrane length in normally operated open-end
MABR-1 (a) and closed-end MABR-2 (b). Experimental DO profiles at membrane surface for open-end
MABR-1 (c¢) and closed-end MABR-2 (d). Port 1 is 4.7-cm from gas supply (left side), and Ports 3, 5, and
7 are at 7.6-cm increments from Port 1.

In MABR-1 (open end), a homogeneous biofilm grew through the fiber surface, with a
similar thickness along the membrane length (Figure 9a). In MABR-2 (closed end), the
biofilm was thick at the gas supply end, but was significantly reduced towards the
sealed end of the membrane (Figure 9 b). This can be explained by the measured DO
profiles along the membrane (Figure 9 ¢ and d). For MABR-1, the O, concentrations
remained almost constant and at high values across the entire membrane (Figure 9 c).
This is because the high supply gas rate into the membrane resulted in negligible back-
diffusion effects. The partial pressure of O, in the gas decreased only slightly along the

membrane because of frictional pressure loss. N, accumulation in the membrane was
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not significant in MABR-1, as inlet gas flow-rate was high enough to vent back-
diffused N, to the atmosphere. However, for MABR-2, O, consumption and N, back-
diffusion significantly reduced O, concentrations along the fiber length (Figure 9 d)

resulting in much lower OTRs and consequently lower overall COD removal fluxes

(Figure 10).
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Figure 10: Experimentally observed COD removal fluxes in MABR-1 (triangles) and MABR-2 (squares)
plotted against time. Circles enclosed in the black rectangle represent COD removal fluxes for the closed-
end MABR-2 when a venting strategy of 20s open and 20 min closed was implemented.

The open-end MABR-1 had a higher average O, pressure than in the steady-state,
closed-end MABR-2 (Figure 9 ¢ and d). Therefore, it provided a greater OTRs and
COD removal fluxes than the purely closed-end MABR-2 (Figure 10). The average
COD removal flux for MABR-1 was double the value for MABR-2. In MABR-2, back-
diffusion caused DO limitation in much of the membrane. This slowed the development
of the biofilm, and consequently the increase in COD removal. Also, COD removal
rates fluctuated considerably because this was a small reactor. As the biofilms grew, any
biofilm detachment had a significant impact on the system. This would be more likely

to average out in a larger system.
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Note that the predicted OTR values for closed, open and venting strategies in a clean
membrane were lower than those for MABRs. This is because the biofilm can eliminate

the mass transfer resistance of the liquid concentration boundary layer (Semmens 2008).

After four weeks of operation, MABR-2 was switched to periodic venting, which
consisted of opening the membrane (venting) for 20 seconds every 20 minutes. Figure
10 shows the experimental COD removal fluxes that were obtained when periodic
venting cycles were applied to MABR-2. Figure 11 shows the biofilm thicknesses

along the membrane length prior to venting, and after eight days of venting cycles.
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Figure 11. Biofilm thicknesses along the fiber length of MABR-2 just prior to initiating the venting
cycles, and after eight days of periodic venting. Venting provides a much more uniform biofilm thickness.

The mathematical model predicted that greater average O, partial pressures, and
consequently higher OTRs and removal fluxes, could be obtained by applying periodic
venting to a closed-end MABR. The experimental COD removal fluxes are shown in
Figure 10. The average COD removal flux became double that for the closed-end
operation, increasing from 56 gCOD/m’d to 117 gCOD/m*d. This value is very similar

to the 121 gCOD/m’d obtained in MABR-1 (Figure 10). This was in part due to the
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more uniform biofilm thickness along the length of the fiber when periodic venting was
implemented (Figure 11). Based on the measured gas flow rate through the membrane
during the open cycles, OTEs of at least 97% were obtained when applying the periodic
venting. In this research, the COD removal rates were greater than those obtained in
some previous MABR studies. This was mainly because we used pure oxygen as the
supplied gas. Also, we used acetate as organic carbon source. Acetate is readily
biodegradable substrate, as opposed to more complex organics such as wastewater.
Nevertheless, COD removal rates found in this study were similar than the ones
obtained by Osa et al. (1997), Pankhania et al. (1999) and Brindle et al. (1999), who
reported COD removal rate values in MABRs fed with pure O, of 180, 42.7, 62.6
gCOD/m’d respectively. Experimental results verified that periodic venting of closed-
end MABRs can lead to high OTRs and OTEs, improving the overall process

performance and increasing the energy efficiency.

This work highlights the potential transient behavior of gas back-diffusion, and the
potentially significant lag in reaching steady state operation after a perturbation. For
example, changing the supply gas pressure, concentration of supply gas in the liquid
phase, and concentration of back-diffusion gases in the liquid phase, among others.
Following any of these changes, it may take a considerable amount of time to reach

steady state.

The optimal venting interval (time between openings) and venting time (open period)
depends on a variety of factors, including the membrane mass transfer coefficient,
diameter, length, supply gas pressure and concentration, and dissolved gas
concentrations in the liquid. For instance, larger membrane diameters will likely allow a

greater venting interval, as there is greater gas storage in the membrane lumen relative
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to the gas transfer across the membrane. Larger HFM diameters, and longer membrane
lengths, would require longer venting periods. When selective membranes are used, the
relationship between the diffusion coefficients can also be important. Finally, the effect
of liquid flow in a contactor, e.g., co-current, counter-current, or cross flow, can impact
the gas transfer rates and the transition to steady-state conditions. Future research

should explore the impact of the above factors in more detail.

Past research on MABRs has shown that water vapor can diffuse into the membrane and
condense at the sealed end, plugging part of the membrane (Cdte et al., 1988; Cote et
al., 1989., Fang et al., 2004). However, it would take weeks or months for condensation
to have an appreciable effect on the membrane behavior. In our closed-end experiments,
the membranes were vented every two days, and no sign of condensate accumulation
was observed during the ventings. Some MABRs are periodically vented to remove
water condensation, but the frequency of venting is typically too low to obtain the gas
transfer rate benefits. Based on our findings, it would be easy to increase the venting

frequency to both remove condensate and obtain higher OTRs.

The above strategy was studied for O, supply to an MABR, but the periodic venting is
also relevant to MABRs supplied with air, or MBfR applications with gases such as

hydrogen gas (H;) or methane (CH4) (Martin and Nerenberg, 2012; Shi et al, 2013).

4. CONCLUSIONS

The periodic venting of lumen gases in a closed-end MABR can greatly improve the
membrane’s OTRs and contaminant removal fluxes, without significantly impacting the

OTEs. This is due to the transient behavior of the lumen gas profiles when shifting
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from open-end to closed-end operation. When the venting interval is short enough, the
OTR can be even higher than with continuous open-end operation. This novel gas
supply strategy can greatly increase the capacity of MABRs, and decrease the capital
and operating cost of new systems. Future research should address in more detail the
range of factors that affect the selection of opening interval, the closed duration, and the

impacts of these factors on the OTRs and OTEs.
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